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Abstract 

Depletion of fossil fuels and their environmental impacts such as global warming and climate 

change are strong motivations for developing alternative energy sources. However, the transition 

from petroleum-based to renewable infrastructure is challenging. Some of the determining factors 

to be looked upon of these challenges include but certainly do not restrict only to established fossil 

fuel infrastructures, availability, viability and economical-feasibility of adequate and appropriate 

technologies. Bio-based fuels can provide a bridging/alternative to petroleum fuels due to 

similarity in physical and thermal properties and abundant biomass feedstock. Pyrolysis process; 

which is an oxygen-free thermal decomposition process is a promising route to convert raw 

biomass into high-energy-density bio-oil and combustible gases. Pyrolysis can be broadly 

categorised into three types according to temperature and residence time/heating rates; slow, fast, 

and flash pyrolysis. The highest bio-oil yield is associated with fast pyrolysis (50–75 wt%). 

Fluidised bed reactor and auger reactor are the most attractive technologies and feasible options 

for scale-up. Although the experimental test is inevitable for process optimisation and scale-up, 

computational fluid dynamics (CFD) is a powerful tool for the study of the processes that operate 

in severe conditions, e.g. high temperature and pressure. In such circumstances, numerical 

simulation is a much more feasible and affordable approach than experimental tests for parametric 

study. This study aims to implement a numerical framework to simulate the process that can be 

used as a design tool; determine the critical operating conditions for process optimisation and 

scale-up of the pyrolysis reactors; determine the range of conditions for the highest amount of 

bio-oil yield, and use these results to optimise the lab-scale bubbling fluidised bed reactor and a 

pilot-scale auger unit.  

This thesis presents the CFD simulation of a fast pyrolysis process in a two-dimensional standard 

lab-scale bubbling fluidised bed reactor. In the CFD model, the Eulerian-Granular approach is 

adopted to address the multi-phase fluid dynamics of the fast pyrolysis processes. A coupled Multi-

Fluid Model (MFM) and a chemical solver is used to describe the chemical kinetics. The developed 

model is validated first using published experimental data then implemented to a parametric study. 

The impact of different operating factors on the product yields is then presented. The operating 

conditions are operating temperature, biomass feedstock, biomass feed rate and size, sand particle 

size, carrier gas velocity and biomass injector location. The results showed that the optimum value 

of operating temperature is in the range of 500–525 °C. The residence time and secondary 

reactions can be minimised by increasing the speed of the carrier gas and raising the location of 

the biomass injector. The intraparticle temperature gradient is lower for smaller biomass particles 



xv 

which resulted in higher heating rates. When larger sand particles are accompanied by higher carrier 

gas velocity, bio-oil yield increased. Preheating the virgin biomass improves bio-oil yields, whereas 

other products’ yields remain constant. The feedstocks with high cellulose/hemicellulose to lignin 

ratio are favourable for the production of bio-oil, whereas the highest amount of biochar yield was 

achieved from high lignin-content feedstocks. 

A three-dimensional computational fluid dynamic (CFD) model for simulation of a fast pyrolysis 

process in a pilot-scale auger reactor is also conducted. The adopted methodology used in the 

CFD simulation of auger reactor is similar to the bubbling fluidised bed reactor. However, the 

geometry of the auger reactor is more complicated than that of the bubbling fluidised bed reactor 

and needs to be modelled in a three-dimensional space. Furthermore, the rotating reference frame 

(RRF) is adopted to simulate the effect of the rotating screw in the auger reactor to avoid the 

complexity of dynamic mesh generation. The simulation results were compared with the 

experiment, and the effects of operating conditions were investigated. A parametric study was then 

conducted to address the effect of operating parameters on the product yields. The results indicate 

that the optimum temperature for maximum bio-oil production is 500°C. Bio-oil yield rose as the 

biomass feed flow rate increased due to less vapour residence times, reducing further reaction of 

the non-condensable fraction in the vapour phase. Nitrogen shows the same impact, enhanced 

yield due to limited vapour residence time. Increasing the angular velocity of the screw improves 

the flow of vapours in the reactor. However, this must be balanced against increased unreacted 

biomass. The simulation gave an optimum of 70rpm for the angular velocity of the screw. 

The validated CFD model for bubbling fluidised bed reactor is employed to find an optimised set 

of operating conditions to achieve the highest amount of bio-oil yield. The CFD parametric study 

was conducted by considering the effect of the key influencing parameters. Machine learning 

algorithms (MLAs) are then employed to predict the optimised conditions that lead to the 

maximum bio-oil yield. A developed support vector regression with particle swarm optimisation 

algorithm (SVR-PSO) was applied to the CFD datasets to predict the optimum values of 

parameters. The highest bio-oil yield was then computed using the optimum values of the 

parameters. The CFD simulation is also conducted using the optimum parameters obtained by the 

SVR-PSO. The obtained CFD results and the predicted values by MLA compared and a good 

agreement was achieved. 
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 : 

Introduction 

1.1 Background 

Concern about limited supply of fossil fuels and environmental risks such as global warming and 

climate change, is strong motivation for the development of environmentally friendly technologies and 

renewable energy sources [1, 2]. Biomass is available in abundance and therefore, can be utilised as an 

alternative energy source [3]. All organic materials such as plants (byproduct and residue of agricultural 

products) and animal resources (available from land and water environments) can be classified as biomass 

[4-6]. Agricultural wastes such as corn stover, bagasse and residues associated with harvesting crops 

contain high energy organics in the form of cellulose, hemicellulose, and lignin [7, 8]. Compared to 

conventional fossil fuels, energy derived from biomass has lower emissions of sulphur dioxides (SO2) 

and particulate matters (PM) [9]. Besides, the carbon released during bioenergy generation evolves from 

a biomass feedstock which eliminated the carbon from the atmosphere as it was growing [9, 10]. The 

quality of biomass energy can be improved by conversion to liquid or another homogenous solid [11, 

12]. These conversions are mainly thermochemical processes which include; direct combustion of 

biomass to provide heat, gasification to produce gas as synthesis gas, heat, and power; and pyrolysis to 

generate bio-oil, char, and gas [10]. 

Pyrolysis process means the thermal decomposition of biomass in the absence of air or oxygen. 

Pyrolysis offers the advantage of producing three bioproducts; (1) bio-oil for liquid fuel or the source of 

high-value chemicals; (2) solid biochar (e.g. sustainable source for absorbent, soil amendment, or catalyst); 

and (3) biogas (can supply part of the required heat in the process) [13, 14]. The feedstock, residence 

time, temperature, and heating rate determine the relative yields and compositions of the various products 

[15-17]. Pyrolysis can be broadly categorised into three types according to temperature and residence 

time/heating rates; (i) slow (low heating rates, long solids residence time, and low temperature (~300 

°C)), (ii) fast (short vapour residence time t <2 s, high heating rates (100 °C/s), and moderate temperature 

(500-600 °C)), and (iii) flash (high heating rates (>200 °C/s, short vapour residence time, and high 

temperature (>600 °C)). The primary product of slow pyrolysis is the char, and for fast and flash pyrolysis, 

it is the liquid. Extracted bio-oil from biomass can be either consumed directly for the generation of heat 

and power in boilers, gas turbines, and diesel engines or refined to produce a higher quality fuel [15-17]. 
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Depending on the feedstock used, product yields of fast pyrolysis are typically about 60–75 wt.% liquid 

bio-oil, 15–25 wt.% solid char, and 10–20 wt.% of non-condensable gases [18].  

The abundant supply of forest and agricultural residue available in Tasmania provides the main 

motivation to investigate the viability of producing and using biofuels in this state. Achieving renewable 

and eco-friendly sources of energy via the thermochemical conversion of biomass to biofuels is an 

appropriate route to achieve energy independence in Tasmania, and is also favourable for mainland 

Australia. The extracted bio-oil from the pyrolysis of the biomass as a source of renewable fuels can be 

blended with fossil fuels in conventional massive engines and boilers. To achieve this, sustainable 

feedstock should be identified, and the produced pyrolysis oil needs to be tested for quality in terms of 

heating value and emissions. Sufficient supply of biomass can become a great energy source through 

pyrolysis-based processing for industrial applications. It should be noted that the expected growth of the 

biofuel market will lead to the creation of new and integrated businesses that offer significant job 

opportunities and lasting regional economic growth. This confirms the value of research in pyrolysis 

processes in Australia.  

1.2 Research Framework 

This thesis aims to provide a more precise insight into the fast pyrolysis reactors using CFD 

(Computational Fluid Dynamics) modelling. The research framework to achieve the aforementioned 

main objective is defined by the research objectives, questions, and scope. 

1.2.1 Objectives 

The main objective of this research is to develop a methodology to manage and optimise the 

operating conditions of a pyrolysis reactor. The multiphase flow dynamics, heat transfer and detailed 

chemical kinetics of the lignocellulosic biomass (e.g. wood chips) in pyrolysis reactors are modelled using 

CFD simulations. The numerical results are compared and validated with published experimental data 

[19-21]. These CFD results help in comprehending the physical phenomena that occur inside the reactor, 

which subsequently provides a guideline for optimising the operating conditions. The main objective of 

this research is subdivided as follows: 

• To simulate and validate the multiphase flow dynamics, heat transfer, and thermo-chemical 

conversion of biomass to biofuels (condensable vapours, non-condensable gases, and char) using 

CFD analysis in a lab-scale bubbling fluidised bed reactor. 
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• To simulate and validate the reacting multiphase flow in a pilot-scale auger reactor using CFD 

modelling. 

• To analyse the impact of various influencing parameters to optimise the pyrolysis reactors 

performance for producing the highest amount of bio-oil as the favoured product. 

1.2.2 Research questions 

The definition of the research objectives leads to the formulation of several research questions, 

further specifying the research path. The first four questions relate to the analysis of multiphase flow 

dynamics and chemical reaction kinetics and the product yields of the fast pyrolysis process. 

• How to model multiphase flow dynamics that involve the flow of gas and solids.  

• How to incorporate phase interactions, e.g. drag models, heat transfer, and species transport 

between solid-solid and gas-solid interaction. 

• How to integrate a detailed reaction mechanism with CFD to accurately simulate the biomass 

thermal decomposition in pyrolysis reactors. 

• How to conduct a parametric study considering the most influential operating and design 

parameters. 

• How to optimise the process using the obtained results from the parametric study. 

1.2.3 Research scope 

Detailed understanding of multi-phase flow dynamics and chemical kinetics was identified as one of 

the essential requirements for the development and optimisation of the fast pyrolysis reactors. In a fast 

pyrolysis process, multi-phase flow dynamics alter chemical reactions which subsequently affect the 

performance of the reactor and the quality and yields of the extracted bio-oil. The efficiency of the 

conversion process can be investigated by conducting a detailed analysis of the associated phenomena 

inside the pyrolysis reactors. Examining the impacts of various operating conditions on the generation 

of bio-oil can facilitate the optimisation of fast pyrolysis reactors. The outcomes of these analyses provide 

a benchmark for reactor designers and operators to achieve optimum efficiency in producing the 

products of concern for fast pyrolysis processes. The simplifications that have been taken into accounts 

for numerical simulations are as follows. 
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• Feedstock material is considered to be a lignocellulosic biomass which includes three components; 

cellulose, hemicellulose, and lignin. 

• The moisture content and other impurities are neglected for the feedstocks.  

• The main focus of this study is on the performance of the reactor itself. Any other pre and post-

processing activities, including the pretreatment of biomass, condensation, bio-oil collection or char 

removal processes are out of the scope of this research and will not be modelled. 

• For process optimisation, the main focus is on the operating conditions rather than design 

parameters. The key influencing parameters studied are the operating temperature, operating 

pressure, feed flow rate, particle size, carrier gas flow rate, and auger rotational speed. Design 

parameters, including the geometry of the reactors, are beyond the scope of this research.   

1.3 Outline of Thesis 

This thesis follows a “chapterised thesis” structure, where Chapters 2 to 5 are comprised of scientific 

journal/conference papers. The structure of the thesis is outlined below. 

Chapter 1: The introductory chapter, clarifies the research questions, objectives, and scope of the 

project. The main objectives of this study are to develop a numerical model to simulate the process that 

can be used as a design tool; determine the critical operating conditions for process optimisation and 

scaling-up of the pyrolysis of lignocellulosic biomass; determine the range of conditions for the highest 

amount of bio-oil yield; and to use these results to optimise the lab-scale bubbling fluidised bed reactor 

and a pilot-scale auger unit. It also outlines the structure of the thesis, linking together the subsequent 

chapters consisting of the scientific papers. 

Chapter 2: This chapter introduces various types of pyrolysis reactors. The influencing parameters 

affecting product yield and flow dynamics of different pyrolysis reactor configurations are then 

investigated in detail. The results indicate that among these reactors, fluidised bed reactor and auger 

reactor are the most attractive technologies and feasible options for scale-up. Eventually, the research 

gap is identified by considering the influential parameters that have not yet been considered in previous 

publications. These parameters are then introduced for parametric study and process optimisation of 

bubbling fluidised bed reactor and auger reactor. 

Chapter 3: This chapter presents CFD simulation of a fast pyrolysis process in a two-dimensional 

standard lab-scale bubbling fluidised bed reactor. In the CFD model, the Eulerian-Granular approach is 
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adopted to address the multi-phase fluid dynamics of the fast pyrolysis processes. A coupled Multi-Fluid 

Model (MFM) and a chemical solver is used to describe the chemical kinetics. The developed model is 

first validated using published experimental data then implemented to a parametric study. The impact of 

different operating factors on the product yields is then presented. The operating conditions are; 

operating temperature, biomass feedstock, biomass feed rate and size, sand particle size, carrier gas 

velocity and biomass injector location. The results showed that the optimum value of operating 

temperature is in the range of 500–525 °C. The residence time and secondary reactions can be minimised 

by increasing the speed of the carrier gas and raising the location of the biomass injector. The intraparticle 

temperature gradient is lower for smaller biomass particles which resulted in higher heating rates. When 

larger sand particles are accompanied by higher carrier gas velocity, bio-oil yield increased. Preheating the 

virgin biomass improves bio-oil yields, whereas other products’ yields remain constant. The feedstocks 

with high cellulose/hemicellulose to lignin ratio are favoured for the production of bio-oil, whereas the 

highest amount of biochar yield was achieved from high lignin-content feedstocks. 

Chapter 4: Presents a three-dimensional CFD model for simulation of a fast pyrolysis process in a 

pilot-scale auger reactor. The adopted methodology used in the CFD simulation of an auger reactor is 

similar to the bubbling fluidised bed reactor. However, the geometry of the auger reactor is more 

complicated than that of the bubbling fluidised bed reactor and needs to be modelled in a three-

dimensional space. Furthermore, the rotating reference frame (RRF) is adopted to simulate the effect of 

the rotating screw in the auger reactor to avoid the complexity of dynamic mesh generation.  The 

simulation results were compared with the experiment, and the effects of operating conditions were 

investigated. A parametric study was then conducted to address the effect of operating parameters on 

the product yields. The key influencing parameters considered are the operating temperature, operating 

pressure, screw rotational speed, biomass feed rate and inclusion of carrier gas. The results indicate that 

the optimum temperature for maximum bio-oil production is 500°C. Bio-oil yield rises as the biomass 

feed flow rate increases due to less vapour residence times, which reduces further reaction of the non-

condensable fraction in the vapour phase. Nitrogen shows the same impact, enhanced yield due to limited 

vapour residence time. Increasing the angular velocity of the screw improves the flow of vapours in the 

reactor. However, this must be balanced against increased unreacted biomass. The simulation gave an 

optimum of 70rpm for the angular velocity of the screw. 

Chapter 5: In this chapter, the validated CFD model for bubbling fluidised bed reactor is employed 

to find an optimised set of operating conditions to achieve the highest amount of bio-oil yield. The CFD 

parametric study was conducted by considering the effect of the key influencing parameters. Machine 

learning algorithms (MLAs) are then employed to predict the optimised conditions that lead to the 
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maximum bio-oil yield. A developed support vector regression with particle swarm optimisation 

algorithm (SVR-PSO) was applied to the CFD datasets to predict the optimum values of parameters. The 

highest bio-oil yield was then computed using the optimum values of the parameters. The CFD 

simulation was also conducted using the optimum parameters obtained by the SVR-PSO. The obtained 

CFD results and the predicted values by MLA were compared and a good agreement was achieved. 

Chapter 6: Presents a summary of the conclusions. It was found that the operating temperature and 

the heating rate are the most critical parameters on the product yields distribution. For lignocellulosic 

biomass, the predicted optimum temperature is about 500 °C. Residence time of condensable vapours at 

higher temperatures also plays a vital role in the product yield. At longer residence time, secondary 

reactions dominate and result in the conversion of condensable vapours to non-condensable gases. The 

residence time and secondary reactions are minimised as the flow of condensable vapours is enhanced. 

The possible methods for enhancing the flow in bubbling fluidised bed reactor are to increase the carrier 

gas velocity and move the biomass injector to a higher level. However, there are some limitation for these 

values which are discussed in Chapters 3 and 5. In bubbling fluidised bed reactor, nitrogen acts not only 

as a carrier gas but also as a fluidising media for enhanced mixing of solid particles to improve heat 

transfer from hot sand particles to cold virgin biomass particles. The potential techniques for improving 

the flow of condensable vapours in an auger reactor are to use a vacuum at the reactor outlet, increase 

the rotational speed of the screw, and employ nitrogen as a carrier gas. Considering the effect of particle 

size is also essential since intraparticle temperature gradient is higher for larger particles. 

Appendices:  

Appendix I outlines the pilot-scale auger reactor geometry.  

Appendix II presents the MATLAB Code that has been used for MLAs in chapter 5. 
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 : 

A Review of Operating Parameters Impacts on 

Product Yields of Biomass Pyrolysis Reactors: 

Focusing on Numerical Simulations 

This chapter is extracted from an under-review paper submitted to the journal of “Renewable & 

Sustainable Energy Reviews” 

The citation for the research article is: 

 

S. Jalalifar, R. Abbassi, V. Garaniya, and F. Salehi, A Review of Operating Parameters Impacts on Product 

Yields of Biomass Pyrolysis Reactors: Focusing on Numerical Simulations. Submitted under review. 

 

  



 

 
8 

Abstract 

Pyrolysis is a promising thermochemical route for converting low-quality biomass materials into 

high-quality fuels, including bio-oil, solid biochar and combustible gases. Some operating factors can 

impact the heating rates and vapour residence time separately and some of them can have simultaneous 

impact on the heating rates and residence time. The effects of both heating rates and residence time can 

be considered as the chemical kinetics. The heat transfer rate directly affects the primary reactions, 

whereas the residence time at higher temperatures (> 500 °C) immediately influences the secondary 

reactions. Here, the influential operating parameters are classified into four main groups. The first 

category is parameters that have a substantial effect on the heating rate without having a significant effect 

on the residence time. In contrast to the first group, the second batch is parameters whose effect on the 

vapour residence time is much higher than their effect on the heating rate. The third category is the 

parameters that affect residence time and heating rate simultaneously. There is, however, a fourth division 

that may directly affect chemical reactions without affecting residence time and heating rate. This chapter 

examines the impact of all four parameter groups on the distribution of products yields, suggesting some 

topics for future studies regarding the process optimisation. 

Keywords: Biomass; Pyrolysis reactors; Bio-oil, Process Optimisation; Operating parameters  
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2.1  Introduction 

Today’s applications of biomass are becoming increasingly complex, and engineering technologies 

play an important role in meeting these needs [22]. In recent years, there has been an upward trend in the 

utilisation of biomass materials as a sustainable and eco-friendly source of energy [3]. Biomass produces 

a low level of sulphur dioxides (SO2) and particulate matter (PM). Due to its carbon neutrality [3], it 

produces lower carbon dioxide (CO2) compared to conventional fossil fuels. Biomass resources are 

abundant in all organic material, including agricultural products and its waste, forest residue, land and 

aquatic animals [23-25]. Biomass is employed in various applications, e.g. generating electricity, heating 

homes, fueling vehicles, and providing process heat for industrial facilities [25]. Various routes are 

possible to harness energy from biomass, including combustion [26], thermochemical [27, 28] and 

biochemical [29] processing technologies. Figure 2-1 presents the different processing technologies that 

applied to obtain the desired products.  

 
Figure 2-1. Biomass processing technologies and respective products obtained through each of the technologies 

(adapted from [22]) 

In general, regardless of reactor scale and configuration, three main factors in the pyrolysis process 

directly impact the product yield quantity and quality. These factors are operating temperature, heating 

rate, and residence time of condensable vapours [25]. Based on the heating rate and residence time, 
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pyrolysis is classified into three main categories of slow (low heating rates, long solids residence time), 

fast (short vapour residence time t < 2 s, high heating rates (100 °C/s)) and flash pyrolysis (high heating 

rates > 200 °C/s, short vapour residence time) [30, 31]. Moderate temperature, high heating rate, and 

short vapour residence time are favourable for the production of liquid bio-oil. Low temperatures and 

low heating rates are favourable for higher char production, whereas high temperatures, low heating rates, 

and long vapour residence time maximise the yield of non-condensable gases resulting from the pyrolysis 

process [25]. Pyrolysis is an oxygen-free thermal decomposition process which is a promising technology 

since it converts low-energy-density biomass into upgraded quality fuels including bio-oil for liquid fuel 

as a source of high-value chemicals; solid biochar (e.g. sustainable source for adsorbent, soil amendment, 

or catalyst); and biogas for energy recovery [13, 14, 32]. Figure 2-2 shows a schematic description of 

biomass fast pyrolysis process. 

 

Figure 2-2. A schematic description of biomass fast pyrolysis (adapted from [33]). 

Although most operating parameters are inter-related, parameters that affect heat transfer to biomass 

particles directly impact the heating rate of the process. Operating factors that immediately impact the 

flow dynamics of the process, including the reactor geometry and configuration alter the residence time 

of condensable vapours. Hence, analysis of all operating parameters which affect these main factors is 

essential for process design and optimisation of the desired product. 

In recent years, various reviews have been conducted on elements and technologies related to the 

pyrolysis of biomass and the associated reactors. In a review by Demirbaş [25], biomass resource facilities 

and biomass conversion processing for fuels and chemicals were examined. Demirbaş [25] discussed the 

benefits of extracted energy from biomass and its environmental impacts as well as different 

thermochemical conversion processes of biomass (pyrolysis, gasification, supercritical fluid extraction, 

liquefaction, hydrothermal upgrading process, biochemical processes, agrochemical processes). 
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Bridgewater et al. [34], discussed the design parameters of fast pyrolysis process including the feed drying, 

particle size, pretreatment, reactor configuration, heat supply, heat transfer, heating rates, reaction 

temperature, vapour residence time, secondary cracking, char separation, ash separation and liquids 

collection. Akhtar et al. [22] presented an overview of biomass utilisation through thermal treatment, 

including combustion, pyrolysis, and gasification. In their review, they have focused on the application 

of biomass to obtain the desired product and to developing new technologies. They have observed that 

upgrading of bio-oil and chemical looping combustion not only prevents greenhouse gas emissions but 

also optimises the process. In a review by Kan et al. [35], several parameters including types of feedstocks, 

biomass pretreatment (physical, chemical, and biological), reaction atmosphere, temperature, heating rate 

and vapour residence time are examined. They have also summarised the properties of pyrolysis products 

and their analysis techniques. Miandad et al. [32] reviewed the improvement, challenges, and future 

perspectives of the catalytic pyrolysis of plastic waste and compared them to thermal pyrolysis. Generally, 

the quality of obtained liquid oil from catalytic pyrolysis is better than the one in thermal pyrolysis and 

can be applied for power generation, transportation and heating. As stated by Miandad et al. [32], the 

shortcomings in utilising the catalytic pyrolysis include high parasitic energy demand, catalyst costs and 

less catalyst reuse despite all their inherent benefits. The suggested practices to solve these issues use 

cheaper catalysts, catalyst reuse and overall optimisation of the process. However, previous studies lack 

the study of parameters that are affected by various reactor configurations. Reactor types significantly 

impact the flow dynamics and consequently, the residence time and heating rate. 

This chapter focuses on parameters that impact the performance of the pyrolysis reactor. The reactor 

functionality here is defined as the capability to convert biomass to the highest amount of bio-oil. Thus, 

the impacts of influential parameters in the pyrolysis process, which have been studied numerically in 

recent years, are discussed in detail. 

2.2  Pyrolysis reactors 

Existing pyrolysis reactor technologies include the fluidised bed, plasma pyrolysis, free-fall, fixed 

bed, rotating cone, microwave, spouted bed, and auger reactor. The relative technology and market 

attractiveness of several pyrolysis reactors are illustrated in Figure 2-3. The introducing technology of the 

fluidised bed and auger reactors attracted much attention due to their feasibility for scale-up. Other 

reactor types, including ablative pyrolysis, rotating cone, and entrained flow reactors are less attractive 

technologies because they are subjected to corrosion and metal fatigue due to the employment of high 

particle velocities at the elevated temperature. However, these characteristics in ablative and rotating cone 
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reactors make them desirable since they need lower carrier gas and smaller space due to their compact 

size [36]. Table 2-1 summarises the main benefits and limitations of existing reactor technologies.  

 
Figure 2-3. Strength and attractiveness of some pyrolysis technologies (adapted from [36]). 

Table 2-1. Typical pyrolysis reactors, their advantages and disadvantages 

Reactor type  
Main benefits Challenges  

Bubbling fluid beds [37-
40] 

• Simple technology and low construction and maintenance costs 

• Good temperature control (isothermal bed) 

• Appropriate heat transfer to biomass particles (high heating rates) 

• High bio-oil yields (70-75% wt.)  

• Consistent performance 

• Short residence time 

• Scale-up 

• Good control of operating conditions (temperature and residence 
time) 

 

• To obtain high heating rates, the required particle size 
for biomass is less than 2-3 mm 

• Since char can act as a vapour cracking catalyst, rapid 
removal of char is essential.  

• High investment 

• Attrition of bed material 

Fixed bed [41-43] 

• Simple design and technology 

• Low initial cost 

• No limitation for particle size 

• Difficult to handle the continuous operation 

• Poor contact with the catalyst in situ 

• Handling the operating conditions (temperature and 
residence time) is challenging 

• Gas-solid interaction is poor   

• Low heat transfer rate 

• Scale-up 

Circulating fluid beds [44-
46] 

• Appropriate for larger throughputs 

• Combination of both conductive and convective heat transfer by 
application of heated steel shot 

• Supplied heat for steel shot can be provided by combustion of the 
by-product char or an alternative source 

• Char can be worn down by high gas velocities since 
residence time for the char is in the range of vapour. 
This can result in higher char ratios in the bio-oil 
collection. 

• Hydrodynamics is more complicated because of 
larger throughputs. 

Rotating cone [47, 48]  

• Less carrier gas is needed in comparison to fluid beds and 
transported beds 

• Three complicated subsystems (rotating cone reactor, 
riser for recycling the steel shot, and a char burner 
bubbling bed) should be combined together for the 
operation of the system. 

Ablative pyrolysis [49, 50] 

• Since the reaction kinetics are not affected by the heat transfer to 
biomass particles, every size of biomass is applicable.  

• As heat can be supplied by the ablative process, mechanically 
moving woods can produce an oil film which provides lubrication 
for biomass particles and evaporates to produce vapours. 

• The reaction kinetics is dependent on the pressure of 
the wood on the heated surface, the relative velocity 
between the biomass particles and the wall, and 
surface temperature of the reactor. 
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• No inert gas is needed which makes the reaction system more 
compact. 

Entrained flow [51, 52] 

• Simple technology 
 

• Heat transfer rate between hot gases and solid 
particles is low. 

• To have appropriate heat transfer, high gas flow rate 
and consequently larger plant size is required. 

• Low vapour partial pressure makes it difficult for 
liquid collection. 

• Lower liquid yield (50-55wt. %) in comparison to 
fluid bed and CFB systems. 

Spouted bed reactor [53, 
54] 

• Suitable for pyrolysis of waste materials since they can handle 
sticky and irregular materials without operational problems 

• Operation under isothermal condition 

• Continuous operation 

• High heat and mass transfer 

• High bio-oil yield (65-75%) 

• Short residence time (< 2 s) 

• Need for carrier gas 

• Small biomass particles requirements 

• Scale-up 

• Catalyst circulation 

• Attrition of bed material 

Vacuum pyrolysis [55-57] 

•  Can handle larger particles in comparison to other reactors. 

• Lower gas velocity leads to less char in the liquid yields. 

• No carrier gas is needed. 

• Complicated and costly 

• The high vacuum needs larger facilities and devices. 

• Liquid yields of 35-50%  

• More char yields in comparison to other fast pyrolysis 
systems. 

• Heat transfer rate is low. 

Screw /auger reactor [58-
62] 

• Solid particles are mechanically moved through reactor by screw 
rotation 

• Provision of heat transfer via recycled hot steel shot, steel or 
ceramic balls, or wall heating. 

• Appropriate for fresh and heterogeneous biomass that is difficult 
to handle. 

• Continuous operation 

• Can operate with or without carrier gas  

• Good control over solid residence time 

• Scale-up 

• Can be used as a portable facility for locations with restricted 
infrastructure and accessibility 

• Short residence time is hard to achieve due to 
mechanically moving parts. 

• Lower liquid product yield than fluid beds reactor. 

• High char yields. 

• Phase separation usually occurs due to exposure of 
vapour to bio-char and longer residence time. 

• High maintenance cost 

2.2.1 Bubbling fluidised bed reactors (BFBRs) 

The first fluidised-bed technology dates back to 1920s when Fritz Winkler [63] invented a fluidised-

bed gas generator in Germany. This was also used for coal gasification and metal refining in the 1930s 

and 1940s. Later, the petroleum industry in the United States developed fluidised-bed technology for 

enhancing the catalytic cracking of oil feedstock, and it has since been used as the leading technology for 

such applications. In the early 1960s, the British National Coal Board and the Maoming Petroleum 

Company in China utilised the combustion of coal and oil shale in fluidised bed technology which was 

motivated by the demand for burning poor quality solid fuels [63]. Since then, fluidised bed reactors have 

been increasingly used for processing of solid fuels as combustor, gasifier, and pyrolyser [64]. Fluidised 

bed reactors have some advantages including straightforward applications, uniform solid mixing, 

adequate heat and mass transfer between phases (reacting biomass and heat carriers), ability to operate 

in a continuous state. Thus, many numerical studies have been conducted into this kind of pyrolysis 

reactor. 

Figure 2-4 shows a typical process flow diagram of a BFBR. The volumetric feeder feeds the ground 

and sieved biomass particles into a secondary injection auger. In the secondary injection auger, nitrogen 



 

 
14 

entrainment system directly feeds biomass particles into the reactor bed near the bottom of the sand bed. 

Nitrogen as the carrier gas flows from the bottom of the reactor after passing through the distributor 

plate. Carrier gas plays two significant roles in bubbling fluidised bed reactors. Firstly, it fluidises initially 

packed sand particles to provide adequate mixing with biomass particles. Secondly, nitrogen can carry 

the products, especially condensable vapours and non-condensable gases towards the reactor outlet. 

Clamshell heater at the sidewall provides the required heat of reaction. When the products exit the reactor 

outlet, they pass through high-efficiency cyclones. Solid biochar particles are caught and accumulate at 

the bottom of cyclones whereas the gas and vapours move through the heat exchanger for quenching. 

After cooling down the condensable vapours, non-condensable gases, and liquid bio-oil are collected, 

and non-condensable gases escape the heat exchanger toward the gas chromatograph for further analysis. 

The focus of this review is on the operating parameters that influence the process that occurs inside the 

reactor bed. Any other pre- and post-processing activities are beyond the scope of this study.  

 

Figure 2-4. A flow diagram of the fluidised-bed pyrolysis reactor system (adapted from [65]) 

2.2.2 Screw/Auger reactor 

Auger type reactors were introduced in 1927 by Laucks [66] to explain the decomposition of coal 

for producing a smokeless fuel. An identical reactor type was represented by Woody [67] as part of the 

Hayes Process to produce a domestic fuel from coal or petroleum coke. Later Lin et al. [68] applied screw 

reactor for coal desulfurisation, and the Lawrence Livermore National Laboratory studied basic design 

parameters of single and twin-screw pyrolysis reactors in the 1990s [69, 70]. Application of auger reactors 
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for biomass thermal decomposition dates back to 1969 when Lakshmanan et al. [71] studied the 

production of levoglucosan from cellulose. In the early 2000s, the Forschungszentrum Karlsruhe (FZK) 

centre in Germany introduced the twin-screw mixer reactor as a feasible technology to produce bio-oil 

and biochar slurries as part of a two-step biomass to liquids process represented by Raffelt et al. [72]. In 

this technology, hot recirculated sand is used as a heat carrier. Schnitzer et al. [73] introduced a single-

screw reactor working with hot steel shots as heat carriers to produce bio-oil, and this portable small-

scale pyrolysis design has been studied further by Badger and Fransham [74]. A comprehensive review 

of the benefits and challenges of auger reactor technology has been conducted by Campuzano et al. [36] 

which includes samples of commercial/demonstration-scale auger reactor configurations. 

Auger reactors are typically used in forestry and agricultural operations due to their simple operation 

and maintenance. Auger reactors are a viable option for application in restricted areas with limited access 

to infrastructure since they are portable. Other advantages of auger reactors are their continuous 

operation, little or no carrier gas requirements, high particles mixing due to the rotation of screw 

conveyors, enhanced heat transfer due to interaction of solid-solid particles and solid-gases with the 

reactor wall [75]. The main limitation of auger reactors is their inherent longer vapour residence time in 

comparison to other reactor types [76, 77]. However, this can be alleviated by decent design. The 

publication history of pyrolysis reactors shows that flow dynamics behaviour of auger type reactors has 

not received as much attention in the research community as have been their commercial use. The process 

flow diagram (PFD) of a typical pilot-scale auger reactor installed at Memorial University, Canada is 

illustrated in Figure 2-5 [58, 60]. Figure 2-6 exposes the equipment when the front of the oven is removed. 

Two electric elements generate the required heat of the oven. 
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Figure 2-5. Process flow diagram of the pilot-scale auger reactor (adapted from [58, 60]) 

 
Figure 2-6. Interior of the typical pilot-scale auger reactor (adapted from [58, 60]) 

2.2.2 Other reactor types 

Even though pre and post-processing of various reactor types in a PFD are almost identical, the 

flow dynamics are strongly dependent on the reactor configuration. A brief description of physical 

phenomena occurring inside various reactor types is presented here. 
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2.2.2.1 Fixed-bed reactor 

As shown in Figure 2-7, fixed-bed pyrolysis reactors pyrolyse a fixed bed of feedstock with an 

external heater as a batch or semi-batch reaction [42]. This technology is simple, reliable, and efficient 

for the uniform size of biomass particles. These types of reactors are only suitable for research and small-

scale heat and power applications. Thus, they are not a certified option economically due to their batch 

nature. 

 
Figure 2-7. Scheme of a lab-scale fixed-bed reactor (adapted from [42]) 

2.2.2.2 Spouted bed reactor (SBR) 

The main distinction between a fluidised bed and spouted bed is caused by the difference in flow 

dynamic behaviour of the solid particles. As shown in Figure 2-3, in a fluidised bed, the air is supplied 

from the bottom through a distributor plate to fluidise the particles. The fluidised bed is divided mainly 

into two regions, the bubble phase and the emulsion phase. However, in spouted bed, the gas is injected 

through a single orifice instead of a distributor plate, resulting in a cyclic pattern of solid particles 

movement inside the bed, as presented in Figure 2-8.  A spouted bed has three different regions - 1) 

spout: a dilute zone core of upward flow of the gas and solid, 2) annulus: a surrounding zone of downward 

flow, and 3) fountain: an upper zone with the upward granular flow in the central zone and downward 

granular flow in the surrounding zone [53].  
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Conventional spouted bed technology (Figure 2-8(a)) is appropriate for handling coarse solid 

particles. However, since there is a possibility of particles infiltration from the annulus to spout zone, it 

adversely affects the control of particle history due to their random behaviour [78]. The spout region can 

be separated from the annulus region by inserting a draft tube. Placing a draft tube in a conventional 

spouted bed has shown potential benefits due to its stability and flexibility. Figure 2-8(b) shows an 

impermeable draft tube and Figure 2-8(c) illustrates a permeable one. Employing a permeable draft tube 

shows improved flow behaviour, e.g. the enhanced fluid residence time in the reaction zone (annulus), 

decreased spouting pressure drop which can handle a more significant number of particles [79]. 

Application of tiny particles results in remarkably high fountains, and therefore severe elutriation. Not to 

excessively exceed from the minimum spouting velocity may solve this issue, however, this will decrease 

the intensity of the bed turbulence or solid circulation rate. Thus, inserting a new device to restrict the 

fountain height is suggested as an option as shown in Figure 2-8(d). 

 
Figure 2-8. Flow pattern of (a) conventional spouted bed without draft tube, (b) non-porous draft tube 

spouted bed, (c) porous draft tube spouted bed, (d) conical spouted bed containing fountain confiner (adapted 

from [78, 80, 81]) 

2.2.2.3 Circulating fluidised bed (CFB) 

As illustrated in Figure 2-9, operation of circulating fluidised bed reactors (CFBs) are identical to 

fluidised bed reactors. This reactor is also well understood, and abundant research has been conducted 

on its operation in recent years [82-85]. CFBs differs from fluidised bed reactors in a way that fluidised 

bed have cyclones for char separation and a single heated reactor whereas CFBs combust char in a second 

reactor unit to provide the required heat for heat carriers. Most of the required heat in the second reactor 

unit is supplied by the combustion of the produced char in the first reactor. Since the heat carrier is 
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conveyed to the second fluidised bed unit and then recirculated to the first reactor unit, CFBs are usually 

called the transport bed reactors. Employing CFBs with catalytic heat carriers are beneficial since char 

particles adhere to the surface of the catalyst and the only feasible approach to remove this char is via its 

combustion to provide the pure catalyst to the first reactor unit [86]. The significant benefits of this 

reactor type are its straightforward, energy-wise self-sustainable technology, with high production output 

due to high gas velocities. On the other hand, since biochar acts as a vapour cracking catalyst, the 

accumulation of biochar may cause the conversion of condensable vapours to non-condensable gases. 

Hence, very high gas velocities are expected to be provided by blowers which raise energy consumption. 

 
Figure 2-9. Scheme of a typical CFB ((adapted from [87]) 

2.2.2.4 Rotating cone reactor 

Figure 2-10 schematically presents a rotating cone reactor where a mixture of heat carrier and 

biomass particles are introduced at the bottom of the heated cone rotating at high speed. The centrifugal 

force of the rotating cone provides intimate contact with the hot wall surface of the cone and the required 

heat of reaction [48, 88]. Additionally, the centrifugal force pushes the solid particles to the top of the 

heated cone. When solid particles spill over the top of the cone, gas and vapours are transferred to a 

condenser. The heat carrier and char are brought into a combustor where the combustion of char partly 

provides some heat to the heat carriers. If the heat provided by burning the char is insufficient, heat 

carriers are reheated and mixed with fresh biomass before being reintroduced to the reactor. This 

technology does not apply as a carrier gas; thus, lower energy is required. One of the challenges of the 
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rotating cone reactor is its sophisticated design since it needs integrated operation of the riser for heat 

carrier recycling, and a fluidised bed char burner [89].  

 
Figure 2-10. Scheme of a typical rotating cone reactor ((adapted from [89]) 

2.2.2.5 Ablative pyrolysis 

As demonstrated in Figure 2-11, the conceptual design of ablative pyrolysis differs from other fast 

pyrolysis techniques. In most pyrolysis reactors, the size of the feedstock is limited by the required 

reaction rates. Thus, small biomass particles need to be used to have a high heat-transfer rate. However, 

in an ablative pyrolysis reactor, the required heat is supplied by friction between woody biomass and the 

hot rotating wall which then decomposes the wood particles by contacting the wall under pressure. Larger 

biomass sizes can be handled by ablative pyrolysis since the temperature gradient of the biomass does 

not restrict the reaction rates occurring at the sliding contact. The pyrolysis vapour and liquids generated 

during ablative pyrolysis can provide lubrication between surfaces at the sliding contact. However, if the 

pyrolysis vapours stay in contact longer with the hot surface, further undesired reactions may occur [90]. 

High-speed rotation and intense pressure applied to the heated surface at sliding contact pose significant 

challenges to the scale-up and operational uniformity of the ablative pyrolysers. The required heat for 

ablative pyrolysers can be provided by direct contact [91-94] or radiation [95, 96] 
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Figure 2-11. Mechanism of an ablative pyrolysis process (adapted from [87]) 

2.2.2.6 Entrained flow reactor  

As shown in Figure 2-12, an entrained flow pyrolyser mixes the biomass particles and carrier gas 

before injection into the reactor. The carrier gas which accompanied biomass particles sufficiently 

separates biomass particles for enhanced pyrolysis of the individual particles. Besides, entrainment of 

carrier gas eliminates air addition to biomass feed.  Carrier gas forces the entrained particles down the 

reactor tube with an outside heated wall. Heat transfers through heated walls and carrier gas pyrolyses 

the biomass particles as they move down the reactor. The produced biochar particles accumulate at the 

bottom of the reactor due to its gravity and are collected. The pyrolysis vapours are extracted and 

transferred to a condensation system to produce liquid bio-oil [97]. 
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Figure 2-12. Scheme of an entrained flow pyrolysis reactor (adapted from [97]) 

2.3 Biomass thermal decomposition scheme 

There are various studies on biomass thermal decomposition. For instance, Papari et al. [98] 

presented a review of reaction mechanisms for thermal decomposition of woody biomass and heat of 

pyrolysis. Xiong et al. [99] reviewed the most widespread chemical schemes in numerical modelling of 

pyrolysis reactors. A summary of the most important findings of these studies has been discussed here. 

Thermal decomposition of biomass usually occurs in a three-step mechanism which involves 

dehydration, primary and secondary reactions. The main competitive mechanisms in the primary reaction 

are dehydrogenation, depolymerisation, and fragmentation [100]. Chemical reactions involved in biomass 

pyrolysis are extremely complex due to the participation of a large number of compounds and reactions, 

including dehydration, depolymerisation, isomerisation, aromatisation, decarboxylation, and charring 

[101-103]. Additionally, the large variety of feedstocks increases the complexities associated with chemical 

kinetics [104, 105]. Alternatively, lumped global kinetics are used to describe the biomass conversion to 

primary products (condensable vapours, non-condensable gases, and solid biochar) and secondary 

reactions. First, Shafizadeh and Chin [106] described a single-component single-step reaction mechanism 
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for thermal decomposition of wood. However, the main limitation of the proposed model was the 

inability to incorporate secondary reactions in which condensable vapours cracks to non-condensable 

gases minimising the liquid yield [107]. Authier et al. [108] stated that the biomass first undergoes a 

devolatilisation scheme to reach an intermediate state called activated biomass. Thus, a reduced one-step 

reaction for the elaborate set of secondary reactions appended to the Shafizadeh and Chin model [106, 

109]. Later, Yang et al. [110] introduced the multi-component single-step reaction schemes, which 

enabled the study of various feedstocks effects on product yields variation by considering the ratios of 

cellulose, hemicellulose and lignin. Multi-component multi-step reaction kinetics was then proposed by 

various researchers including Ward and Braslaw [111], Koufopanos et al. [112, 113], Orfao et al. [114], 

and Miller and Bellan [115]. Some researchers [61, 116, 117] have also introduced a series of elaborate 

schemes with detailed reaction mechanisms. However, the incorporation of their proposed chemical 

kinetics into a CFD model is challenging, the processing time takes longer, and the model is likely to 

depend on specific feedstocks. The reader is referred to the literature for further details [98, 99]. 

Thermal degradation of biomass considering its main components (cellulose, hemicellulose and 

lignin) was also studied independently by the thermogravimetric analysis (TGA). Yang et al. [118] have 

found that among the biomass components, it is the hemicellulose that decomposes earliest. They have 

observed that this phenomenon takes place in the temperature range of 220–315°C and the most 

significant amount of loss rate (0.95 wt.%/°C) occurs at 268°C. Decomposition of cellulose takes place 

at a higher temperature range of 315–400°C, which obtains the highest amount of weight loss rate (2.84 

wt.%/°C) at 355°C. At temperatures > 400°C, much of the cellulose content is decomposed, and the 

remaining solid residue is about 6.5 wt.%/°C. Lignin is the most stable component when thermally 

decomposed (with the mass-loss rate < 0.14 wt.%/°C), starting in the range of other components until 

900°C and the highest remaining solid residue (~45.7 wt.%). Identical results have also been reported by 

Stefanidis et al. [119] and Williams and Besler [120] except that the temperature range reported for 

thermal degradation of hemicellulose, cellulose, and lignin was 250-350 °C, 325-400 °C, and 300–550 °C, 

respectively. 

2.4 CFD Studies 

CFD is a powerful tool that can provide a valuable reference for process design and optimisation. 

The CFD study of the fast pyrolysis process is an excellent alternative to experimental analysis. 

Experimental studies provide valuable information however they are only feasible for limited conditions 

due to the limitations in experimental techniques. For instance, experimenting severe reactor conditions, 

e.g. high temperatures and pressures are hard to obtain Also, parametric study considering the impact of 
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all parameters on process optimisation will be challenging and time-consuming. On the other hand, a 

well-validated CFD analysis can be used to understand the performance of the pyrolysis reactors for a 

wide range of conditions, providing reliable CFD datasets for optimisation.  

The effects of operating parameters on product yields are usually characterised at stable conditions, 

(not during their transient behaviours) and hence considerable time is required for the pyrolysis process 

to reach a steady-state condition [121-123]. Thus, when the flow regime in a reactor reaches a relatively 

stable condition, the outflow of variables, including the product outflux, solids output, and outflow 

temperature, are monitored. This stable condition is called a statistically steady-state condition in which 

the mean field of variables is the object of interest despite the fluctuations in some flow properties. 

However, due to the different nature of the flow in BFBR and auger reactors, more fluctuations are 

expected in BFBR due to fluidisation characteristic of sand particles whereas auger reactors revealed 

fewer fluctuations at the outlet. This is evidenced by the temporal evolution of the solid biomass outflux 

as presented in Figure 2-13 for a BFBR [123] and an auger reactor respectively [59].  

  

Figure 2-13. Temporal evolution of solid outflux at the exit of (a) bubbling fluidised bed reactor [123], and (b) 

the auger reactor (adapted from [59]) 

2.5 Operating parameters 

When liquid fuel is the main product of interest, fast pyrolysis is the best option to obtain the highest 

quality/quantity fuel [35, 89]. As mentioned earlier, three main factors control the biomass pyrolysis 

process, yields and properties of the products, i) the chemical reaction kinetics, ii) the heating rate, and 

iii) vapour residence time. Although the chemical kinetics itself is a function of both the heating rates and 

(a) (b) 
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vapour residence time, the impacts that some operating parameters have on these three main factors can 

be studied separately. The heat transfer rate directly affects the primary reactions whereas the residence 

time immediately influences the secondary reactions. Figure 2-14 schematically illustrates how different 

parameters are connected to these three main factors. Some parameters such as the reaction atmosphere 

and the biomass type directly change reaction kinetics in the first instance. Some parameters affect heat 

transfer rate while having minor effects on residence time, e.g. temperature, feed flow rate, particle size, 

properties of bed material particles, and biomass pretreatment. Pretreatment aims to enhance the 

efficiency of the process which can consist of five types 1) physical, 2) thermal, 3) chemical, 4) biological, 

and 5) any combined pretreatments. Residence time is a function of flow dynamics inside the reactors 

and hence depends on reactor configurations. The parameter that affects the residence time without 

having a notable effect on heating rate is the biomass injector location and multiple ports for inlet/outlet. 

For instance, for some vertically oriented reactors like downer reactors [124, 125] and spouted bed 

reactors [53] biomass is injected from the top of the reactor whereas for bubbling fluidised bed reactors, 

biomass is injected from the sides of the reactor. Parameters that influence both the residence time and 

heating rate include vacuum pressure, carrier gas velocity, and angular velocity of rotary parts (e.g. rotating 

cone and auger reactors), packing height (e.g. bubbling and spouting fluidised bed reactors). In the 

following sections the effect of influencing parameters on product yields distribution has been discussed 

in detail. 
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Figure 2-14. Operating parameters and their classification based on their impacts on reaction kinetics, heating 

rate and residence time 

2.5.1 Operating temperature 

Pyrolysis temperature had the most significant impact on the product yield [122, 126, 127] due to 

two major factors, the devolatilisation of raw biomass and the secondary crack of condensable vapours 

to non-condensable gases. Bed temperature is affected by heated wall temperature, heat carrier and carrier 

gas temperature. Temperature rise accelerates the devolatilisation and the primary reaction rates. 

However, as observed in various studies, e.g. Ref [121], with increasing the temperature, condensable 
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yield initially increases and then declines after 773 K, while gas yield shows a different trend. At higher 

temperatures (T ≥ 773 K), the secondary cracking of condensable vapours (bio-oil) to non-condensable 

gases is dominant, especially at the diluted zone which resulted in less condensable and consequently 

more non-condensable yields. The optimised operating temperature to maximise bio-oil yield is predicted 

to be 773 K [121]. This observation is compatible with the results of others [128]. However, conducted 

numerical simulations by Lathouwers and Bellan [129, 130] in a lab-scale bubbling fluidised-bed reactor 

showed that the carrier gas inlet temperature of 750 K yields the highest amount of bio-oil. Numerical 

modelling of an identical lab-scale bubbling fluidised bed reactor [65] showed that the highest amount 

of bio-oil yield was achieved at the inlet carrier gas temperature of 793 K. A 3-D discrete particle 

modelling by Bruchmüller et al. [131, 132] revealed that when the reactor bed temperature was 

maintained at 758 K, more bio-oil yield is expected than that at 699 K. Other simulations [65, 122, 123, 

127] confirmed that further increase in operating temperature resulted in more non-condensable yield, 

whereas unreacted biomass, condensable and biochar yield decreased.   

CFD analysis of a lab-scale BFBR was conducted considering the effects of operating temperature 

[133]. As illustrated in Figure 2-15 (a) the highest bio-oil yields in BFBR is predicted in the range of 500-

525 °C whereas further increase in temperature gives rise to secondary reactions. Condensable vapours, 

unreacted biomass and biochar decrease with the increase in temperature. As depicted in Figure 2-15 (b), 

the same trends were observed in a CFD study of the auger type pyrolysis reactor where the reactor wall 

temperature was varied to characterise its impacts on product yields [59]. These results are compatible 

with the findings of others [134, 135]. The predicted optimum wall temperature is 823 K. 

 
(a) 
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Figure 2-15. Product yields’ variation with respect to (a) bed temperature of BFBR (adapted from [122]) and (b) 

wall temperature of auger reactor (adapted from [59]) 

2.5.2 Feed flow rate 

Results of a pilot-scale auger reactor revealed that condensable yield was enhanced when the feed 

flow rate increased [58]. The reason is attributed to the high occupied volume of the reactor by steel shots 

as heat carriers. In this circumstance, increasing the mass flow rate of the biomass does not considerably 

impact the volume available while more vapour is generated at higher feed rates. Thus, the gas velocity 

rises and vapour residence time shortens, which is favourable for bio-oil production. However, it should 

be noted that this trend changed with further increase in the feed flow rate since the provided heat might 

not be sufficient for efficient thermal decomposition of higher biomass feed rates. Further studies are 

required by extending the higher amounts of feed flow rate and monitoring the product yield to find the 

optimum value for this parameter and finding the maximum capacity of the reactor to handle biomass 

feed as long as no noticeable decrease takes place for product yields. This phenomenon is easily verifiable 

for lab-scale sized reactors as conducted by Aramideh et al. [59]. In such a case, as can be seen in Figure 

2-16 (b), exceeding the feed rate capacity of the reactor adversely affects the reactor performance and 

grows the unreacted biomass considerably.  This results in a significant reduction in the amount (or 

number?) of products, primarily liquid yield. 

(b) 
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Figure 2-16. Product yields variation with respect to feed flow rate at temperature of 500 °C in a (a) pilot-scale 

auger reactor (adapted from [58]), (b) lab-scale auger reactor (adapted from [59]) 

(a) 

(b) 
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Similar observations have also been reported for other reactor types, including BFBR. As presented 

in Figure 2-17, Xiong. et al. [123] confirmed that below 1.92 kg/h, the impact of biomass feed rate on 

product yields is insignificant. At relatively low biomass feeding rates, heat supply from the sidewalls of 

the reactor and hot sands are sufficient for biomass thermal decomposition, and thus, feeding more 

biomass does not reduce the reactions. This finding is in agreeance with the results of others [122, 127, 

129]. However, exceeding 1.92 kg/h, adversely affects the condensable and biochar yield— the unreacted 

biomass rises as the biomass feed rate increases. At high feed rates, heated wall and hot sands cannot 

provide sufficient heat flux to biomass for efficient thermal decomposition. Thus, it is propitious to find 

the optimum value for the feed flow rate to prevent heat loss. Exceeding a specific value of feed rate 

leads to lower product yields since, at higher feed rates, efficient thermal decomposition of biomass 

particles requires more supplied heat. 

 

Figure 2-17. Variation of product yields with respect to the biomass feeding rate for BFBR (adapted from [59]) 

2.5.3 Particle shape and size of the feedstock 

The shape of particles in real-world applications is typically non-spherical and irregular. However, in 

CFD simulations, non-spherical particles are commonly treated as spherical particles to simplify 

modelling challenges [136]. In the modelling of exerted fluid forces on particles with an irregular shape, 

lift and drag forces due to their shapes and orientation must be included [137]. Also, non-spherical 
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particles behaviour in terms of packing, contacts, and drag force is quite different from that of spherical 

particles [138]. He et al. [139] observed that the compressive strength of spheroidal particles increases 

when particles of larger aspect ratios are used. Hydrodynamic behaviour of non-spherical particles in the 

gas-solid fluidised beds can be studied numerically using discrete element method (DEM) and two-fluid 

model (TFM). The hydrodynamic behaviour and heat transfer phenomena of a biomass gasification 

process in a pilot-scale BFBR was studied by TFM [140]. Improved heat conduction and enhanced 

mixing were observed when smaller biomass particles were used. TFM was also adopted to understand 

the flow behaviour of calcium carbonate particles in a lab-scale three-dimensional rectangular fluidised 

bed [141]. Their results revealed that the drag model with an assumption of perfectly spherical particles 

could not predict the hydrodynamic behaviour of non-spherical particles and it is essential to consider 

the effects of particles shape. Following their work, Lu et al. [142] proposed drag model for non-spherical 

particles and integrated into the TFM for the hydrodynamics modelling of non-spherical particles. They 

showed that the non-spherical particle drag model predicted a higher voidage than spherical drag model 

such as the Gidaspow [143] drag model. In DEM modelling, two types of fluid-particle drag models have 

been proposed Gao et al. [144]; homogeneous and heterogeneous. Homogeneous drag models are 

implemented based on the assumption of uniformly distributed particles in a fluid — this type of drag 

models is obtained from particle-resolved direct numerical simulation (DNS). Heterogeneous drag 

models are acquired from four approaches: - mesoscale-structure-based method, fine grid two-fluid 

simulation, fine grid CFD–DEM simulation, and particle-resolved DNS simulation.  

Simulations conducted by Lathouwers and Bellan [129, 130] revealed that the larger biomass 

diameter adversely affected the bio-oil yield, however, the opposite trend was found by others [65, 123]. 

On the other hand, a conducted sensitivity study of product yield to particles sizes, confirmed mixed 

behaviour [145]. For temperatures lower than 750 K, increasing the particle size showed a negative effect 

on the bio-oil yield, yet above 750 K, the bio-oil yield first rose then declined with the increase in particle 

size. With a satisfactory level of accuracy, the intraparticle temperature gradients of the biomass can be 

neglected at a very small Biot number (Bi << 1) which is defined as Bi = hD/k where h [W/(m2 K)] is 

the heat transfer coefficient, D [m] is the diameter of the biomass particles, and k [W/(m K)] is the 

thermal conductivity of the biomass material. Papadikis et al. [146, 147] confirmed this by considering 

two different sizes of biomass particles (350 μm and 550 μm) in a 3-D simulation. It was found that the 

temperature distribution at elevated pyrolysis temperatures (> 400 °C) is uniform and the product yields 

are insensitive to the biomass particle size but are significantly affected by the shape of biomass particles. 

Xiog et al. [123] also studied the effect of biomass particle size in the range of (200-1200 μm) with the 

assumption that the effect of intraparticle temperature gradient on the reaction kinetics is insignificant. 

As illustrated in Figure 2-18, for particle size lower than 900 μm, all the product yields (bio-oil, gas, and 



 

 
32 

biochar) rise with increasing particle size. Product yields are almost insensitive to further increase in 

biomass size beyond 900 μm. On the other hand, the amount of unreacted biomass declines as the 

biomass particle size grows. The Reynolds number is more significant for particles with higher diameter, 

and it is less probable for more massive particles to be blown out of the reactor bed [123]. The feeder 

size confines the upper limit of the biomass particle since coarse particles may clog the feeder. 

 

Figure 2-18. Variation of product yields with respect to the biomass particle diameter (adapted from [123]) 

The intraparticle temperature gradient is significant for thermally thick particles (higher Biot number 

Bi >1), and it takes longer for the required heat to penetrate the centre of the particles. Hence, complete 

thermal decomposition of larger particles needs more time in comparison to smaller particles [123]. As 

illustrated in Figure 2-19 and Figure 2-20, this is compatible with the findings of Chen et al. [148]. 

However, the fast pyrolysis process must take in a few seconds to reduce the residence time of 

condensable vapours and their secondary crack to non-condensable gases. Thus, the indicated results 

confirm that there must be a large proportion of unreacted biomass inside the reactor, which adversely 

affects the product yields distribution.  
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Figure 2-19. Temperature evolution during pyrolysis of poplar wood particle d=19.05 mm after (a) 30s (b) 90s 

(c) 150s (d) 210 s (adapted from [148]). 

 
Figure 2-20. Particle temperature of the poplar wood particle (adapted from [148]). 

In actual conditions during the pyrolysis process, the density and diameter of biomass particles vary. 

Rezaei et al. [149] developed a one-dimensional model for transient heat transfer (Figure 2-21) by 

considering the time-dependent mass loss behaviour of wood particles under the conditions of drying 

and pyrolysis. It was observed that the density of produced biochar at 500 ℃ is only about 23% of the 

biomass density. It was shown that while wood particles pyrolyse their volume shrinks around 40% [150].  
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Figure 2-21. A schematic of the shrinking core model in pyrolysis of a wood particle (adapted from [149])  

In a CFD-DEM model by Hu et al. [151], two shrinkage patterns were presented, namely, constant-

density and constant-size shrinkage pattern. Although no significant impacts have been observed on the 

product yields by these two patterns, it dramatically influences the entrainment behaviours.  Furthermore, 

long residence time was predicted by constant-density shrinkage pattern, whereas the anticipated 

residence time by constant size shrinkage pattern was short. On the other hand, the trend for the 

predicted time that biomass particles reside in the dense region is entirely different. Zhong et al. [152] 

studied the effects of particle shrinkage and intra-particle heat conduction using the MFM simulation. 

They found that both the particle shrinkage and intra-particle heat conduction resulted in less 

condensable yield and more char yield. The numerical results also confirmed that the effect of intra-

particle heat conduction of small biomass particles (325 mm) on the product yields is negligible and 

becomes even less significant after the particle shrinkage effect is considered [152]. 

2.5.4 Biomass pretreatment 

The thermal pretreatment of biomass is a common method to enhance the quality of the pyrolysis 

products. Figure 2-22 presents CFD results of red oak pyrolysis in an auger reactor [59], confirming 

preheating the biomass decreases condensable vapours and slightly increases non-condensable gases. 

These findings are consistent with the experimental results of Liaw et al. [134]. Thermal pretreatment 

increases condensable yields, whereas non-condensable yields remain unchanged. However, the point to 

be noted here is that when biomass is thermally pretreated, the preheating temperature should be below 

the threshold temperature of initiating the biomass components reactions. Yang et al. [118] conducted a 

Raw biomass core

Under pyrolysis 
layer

Pyrolysed layer
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TGA analysis and observed that the required temperature for the initiation of the thermal breakdown of 

biomass is about 315°C and 220°C for cellulose and lignin, respectively. Initiation of lignin thermal 

decomposition occurs at the same temperature of cellulose and hemicellulose. Thus, it is essential to 

make sure that the pretreatment temperature of biomass components outside the reactor bed is kept 

below 220°C. 

 

Figure 2-22. Product yields variation with respect to biomass pretreatment temperature in auger 

reactor (adapted from [59]) 

2.5.5 Heat carrier particle size 

Enhancement of heat transfer to biomass particles results in more product yield. Biomass particles 

cannot absorb all the required heat from the heated wall and hot carrier gas. Thus, another medium with 

significantly higher heat capacity is required. Sand particles or steel shots have such characteristics, and 

their mixing with biomass particles improves the heat transfer. Size of the bed material also has a 

significant influence on heat transfer effects and product yields. In BFBR, larger hot sand particles 

enhance heat transfer to raw biomass particles when accompanied by higher carrier gas velocities [122, 

123, 127]. The efficient fluidisation of larger sand particles is challenging, and the bed expansion is 
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difficult when the nitrogen velocity is constant. Higher carrier gas velocity is equivalent to shorter 

residence time and limited secondary crack.  

The variation of product yields versus sand diameter in a BFBR is depicted in Figure 2-23 [123]. As 

can be seen, with the increase in sand diameter, a similar trend to that caused by increasing the nitrogen 

velocity is observed. Using larger sand particles necessitates using higher nitrogen velocity, which is 

equivalent to shorter residence time and limited secondary cracks. 

 
Figure 2-23. Variation of product yields with respect to the sand particle diameter (adapted from [123]) 

2.5.6 Heat carrier inlet temperature  

This parameter is only important for reactors employing circulating heat carriers, including auger 

type reactors and circulating fluidised bed. The heat carrier temperature influences the heat transfer rates 

and consequently, the pyrolysis reactions [89]. In auger reactors both steel shot [153] and sand particles 

[72] can be used as heat carriers. Figure 2-24 presents the results of Brown and Brown [153] who studied 

the effect of heat carrier temperature on bio-oil yield at different auger speeds – here our focus is only 

on the effect of heat carrier temperature on the product yields. As shown in Figure 2-24 (a), increasing 

the heat carrier temperature is favourable for higher bio-oil production up to about 600 °C while a further 

increase in the temperature has adverse effects on bio-oil yield. On the other hand, as presented in Figure 

2-24 (b), biochar yield declines continuously by increasing heat carrier temperature. 
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Figure 2-24. (a) Bio-oil, (b) char yield as a function of heat carrier inlet temperature and auger speed (constant 

N2 flow rate (2.5 SLPM) and heat carrier mass flow rate (15 kg/h), biomass feed rate = 1 kg/h) (adapted from 

[153]) 

(a) 

(b) 
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2.5.7 Heat carrier flow rate  

Variation of this factor is only feasible for reactors that benefit circulating solid particles. The flow 

rate of the heat carrier affects pyrolysis reactions due to their influence on heat transfer rates [89]. Brown 

and Brown [153] showed that heat carrier mass flow rates should be 15–20 times higher than the biomass 

mass flow rate. This observation is compatible with the published results of the FZK twin-screw reactor 

[72] and the circulating fluidised beds [154]. As illustrated in Figure 2-25, generally, the bio-oil yield grows 

as the mass flow rate of the heat carrier increases. This is due to the enhancement of the associated heat 

transfer effects. However, there is an optimum value of bio-oil yield at about 18 kg/hr of heat carrier 

feed rate [153]. It seems that higher carrier-to-biomass ratio (>18) does not contribute to more bio-oil 

yields production, possibly because the excessive heat favoured the condition for undesired secondary 

reactions that assist in cracking condensable vapours into non-condensable gases. 

 
Figure 2-25. Contour plots for bio-oil yield as a function of heat carrier inlet temperature and heat carrier mass 

flow rate (N2 flow rate = 2.5 SLPM, auger speed = 54 RPM, biomass feed rate = 1 kg/h) (adapted from [153]) 
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2.5.8 Biomass injector location 

As illustrated in Figure 2-26, The higher the position of the biomass injector, the lower the residence 

time of condensable vapours and hence reduced secondary reactions [155]. However, the upper bound 

limit of the biomass injector position is restricted by the initial packing height of the bed material.  

 

Figure 2-26. Product yields’ variation with respect to biomass injector height (adapted from [155]) 

2.5.9 Multiple inlets/exits for long reactors 

The variation in the number of inlets and outlets can change the residence time of vapours and solid 

particles. Feeding biomass from multiple inlets results in better distribution and hence the entire reactor 

bed and the heat provided by the reactor wall and heat carriers can be utilised to increase thermal 

decomposition and better temperature control over volatiles. However, it is challenging to examine such 

a parameter empirically, and its effect on the product yields in large reactors because it requires the 

redesign and reconstruction of new arrangements. The feasible option is to conduct experimental tests 

of the lab-scale size or adopt the numerical models. Aramideh et al. [156] embedded five vapour outlets 

in a lab-scale single-auger reactor as shown in Figure 2-27. The length and diameter of the reactor is 16 

and 4 cm, respectively. Figure 2-28 presents the product yields variation versus different locations of the 

vapour outlet. There are no notable variations along the reactor length for the biochar yield while 

unreacted biomass declines since more biomass decomposes thermally along the reactor. By shifting the 
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outlet position towards the end of the reactor, the chance of secondary reactions increases due to the 

longer residence time.  

 

Figure 2-27. The schematic of the numerical setup for biomass fast pyrolysis in a single auger reactor (adapted 

from [156]). 

 
Figure 2-28. Variation of product yields with respect to the choice of vapor outlet. Operation conditions are 

reactor bed temperature= 848 K, feed flow rate = 0.5 kg/h, nitrogen flow rate = 1.25 SLPM (adapted from 

[156]). 
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2.5.10 Carrier gas velocity/flow rate 

In the fast pyrolysis process, a nonoxidative gas such as nitrogen is commonly used as a carrier gas. 

However, different gases such as H2, CO2, CO, and CH4, and steam can also be employed [157]. Effects 

of reactive gases on the process have been discussed in detail in “section 2.5.15”. This section merely 

focuses on the effects of an inert carrier gas flow rates on the flow dynamics and its consequences on 

controlling the residence time and heating rates which subsequently impact the product yields 

distribution. 

Although employing carrier gas facilitates the flow of vapours and gases inside the reactor, auger 

reactors can operate with little or no carrier gas inclusions. As demonstrated by Brown and Brown [153], 

the effect of increasing nitrogen flow rate on the yield of the product is straightforward. Boosting the 

nitrogen flow rate improves the bio-oil yield due to reducing the residence time of the gas phase, 

providing less time for secondary reactions of condensable vapours. Furthermore, in auger reactors, the 

shorter residence time is favourable for the production of biochar. These findings are compatible with 

the results reported by other researchers [158]. Figure 2-29 shows the product variation versus nitrogen 

flow rate in a lab-scale auger reactor [59]. 

 

Figure 2-29. Simulated variation of product yields with respect to the nitrogen flow rate in the auger reactor 

(adapted from [59]) 
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Carrier gases are usually inert gases such as nitrogen and helium and do not participate in the reaction. 

However, their partial pressure affects the reaction rate in the gas phase. The CFD results of Xue et al. 

[65] showed that the increase in the inlet gas velocity is beneficial to the tar yield. These findings are 

consistent with other 2-D simulations [65, 122, 123, 127]. However, a proposed CFD model of the 

pyrolysis process by Melin et al. [159] confirmed that shorter residence time, caused by increased gas 

velocity, had a minor impact on the liquid yield for temperatures lower than 450 °C and it would be more 

influential at higher temperatures. 

The impact of superficial gas velocity on the product yields has been investigated by many 

researchers [20, 65, 122, 123, 127]. As illustrated in Figure 2-30, with the addition of more carrier gas 

velocity, the condensable yield rises, whereas the non-condensable and unreacted biomass drop and char 

yields remain steady. The variation of condensable and non-condensable values is due to shorter 

residence time. As presented in Figure 2-31, Xiong et al. [123] predicted that the variation of condensable 

yield with nitrogen velocity is not linear. Condensable yield grows monotonically before the nitrogen 

velocity of 0.6 m/s. Further increase in the velocity marginally alters the condensable yield appearance. 

This is compatible with other findings [123, 129, 130]. This can be explained using two competing 

mechanisms. Increasing the carrier velocity shortens the residence time of biomass and reduces all 

product yields, including condensable vapours. On the other hand, higher nitrogen velocity in the reactor 

also reduces the residence time of condensable vapours and decreases the chance of secondary reactions. 

The carrier gas velocity is a primary function of particle size [122, 127]. Larger particles are more 

resistant to fluidisation. There is a minimum required velocity to ensure fluidisation occurs. This lower 

limit is called minimum fluidisation velocity (MFV) which is defined as a function of particle size [40]. 

Increasing the superficial gas velocity shortens the residence time of vapours inside the reactor, thus 

mimimising the secondary crack of condensable vapours to non-condensable gases which leads to more 

bio-oil yield and less gas yield [40, 121, 127]. The biochar yield was marginally affected by increasing the 

carrier gas velocity, while the fluctuations of product outflux rose. However, increasing the carrier gas 

velocity after a certain extent does not contribute to more product yield and, an upper-velocity limit can 

be defined where the bio-oil production is maximised – known as the maximum effective velocity (MEV) 

[40]. As superficial velocity increased, the heat transfer coefficient declined since the heat transfer surface 

was increasingly “blanketed” by gas due to the formation of more gas bubbles surrounding the surface 

of the particles. More increase in the carrier gas velocity can even lead to the forcing of sand particles 

and unreacted biomass out of the reactor bed [40].  
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Figure 2-30. Simulated product yields of switchgrass for different superficial gas velocities at dp = 500 μm and 

Temperature = 500°C. (adapted from [65]) 

 

Figure 2-31. Variation of product yields with respect to the nitrogen velocity (adapted from [123]) 
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2.5.11 Angular velocity of rotating parts  

This parameter is a characteristic of reactors with rotating parts including auger and rotating cone 

reactors. The screw rotational speed in auger reactors acts as a mechanical mixer to mix solid particles. 

The auger speed determines the conveyance rate of solid particles towards the reactor outlet. However, 

the developed momentum can also enhance the flow of vapours towards the reactor outlet somewhat. 

Based on the observation of Brown and Brown [153] presented in section 2.5.6 (Figure 2-24), and 

as illustrated in Figure 2-32, product yields show different behaviour towards the variation of auger speed 

at different heat carrier temperatures. It was observed that when heat carriers with lower temperatures 

(< 550 ℃) are used, the heat transfer rate is lower and more time is required for maximising the thermal 

decomposition of biomass. Thus, increasing screw rotational speed has adverse effects on bio-oil yield. 

However, when heat carriers with higher temperatures (> 550 ℃) are used, the heat transfer rate is higher, 

and decomposition occurs faster. Under these circumstances, secondary reactions are dominant, 

therefore lowering the residence time obtained from higher auger speed is an advantage to maximise bio-

oil yield. Since the bio-oil yields improved uniformly for heat carrier temperatures up to almost 600 °C, 

thus applying high auger speeds at higher heat carrier temperature benefited the production of higher 

bio-oil yields.  

 
Figure 2-32. Contour plots of bio-oil yield as a function of auger speed for different heat carrier inlet 

temperature (N2 flow rate = 2.5 SLPM, heat carrier mass flow rate = 15 kg/h, biomass feed rate = 1 kg/h) 

(adapted from [153])  
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2.5.12 Operating pressure 

Operating pressure influences the density and partial pressure of gaseous species. Its impact is also 

significant on the flow dynamics, affecting the residence time. As illustrated in Figure 2-33, vacuum 

conditions at the reactor outlet speed-up the flow of gases and reduce the residence time [58]. Hence, 

lower secondary reactions are expected to take place, which enhances the bio-oil yield. It can be also seen 

that the vacuum pressure does not have any influence on biochar yield.  

 
Figure 2-33. Bio-oil (●) and char (■) versus reactor pressure at 450 °C temperature and 3.5 kg/h feed flow rate 

(adapted from [58]) 

2.5.13 Initial packing height 

The initial packing height is a characteristic of fluidised bed reactors. As shown in Figure 2-34, 

product yields grow as the initial packing height of the sand rises [123]. This is mainly due to the high 

heat capacity and conductivity of sand [40]. Increasing the number of sand particles, improves heat 

transfer from side walls and hot carrier gas and enhances biomass decomposition [123]. These findings, 

as shown in Figure 2-35, are consistent with the results of Clissold et al. [40]. As illustrated when initial 

packing height increases, unreacted biomass decreases and consequently product yields raises. By 

exceeding the initial packing limit of 55 mm, no substantial increase in the product yields are observed, 

however, there is a marginal increase in the biochar yield. Therefore, after a certain limit, the impact of 

increasing the initial bed height on product yields is minor, whereas the fluctuations of products outflux 

increased significantly by the expanded initial bed height [40, 121]. According to Xion et al. [123], the 
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number of sand particles must be kept within a reasonable range since excessive sand loading adversely 

affects the fluidisation, increasing the secondary cracks. 

 
Figure 2-34. Variation of product yields with respect to the initial height of sand bed (adapted from [123]) 

 

Figure 2-35. Condensable vapour yield with the change in the sand packing limit for each sand particle size 

(mm) (adapted from [40]) 
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2.5.14 Feedstock material  

Various biomass feedstocks have been studied [65, 133]. However, these studies were only limited 

to lignocellulosic biomass and the effects of moisture content, ash, and other impurities have not been 

considered. It was observed that bio-oil yield is directly related to the sum of cellulose and hemicellulose 

content, whereas the lignin content gives higher biochar yields, as shown in Figure 2-36. As illustrated in 

Figure 2-39, the biochar yield linearly changes with lignin content, and condensable yield rises linearly 

with the sum of cellulose and hemicellulose content. The most condensable yield is expected from pure 

cellulose, whereas the most biochar yield predicted from pyrolysis of olive husk which has the highest 

amount of lignin content. 

 

Figure 2-36. Product yields for different biomass feedstock (adapted from [133]) 

2.5.15 Reaction atmosphere 

Various gases, including H2O (both steam and hot water), N2, H2, CO2, CO can be used as reaction 

atmospheres in the fast pyrolysis process. Inclusion of steam has physical, chemical, and surface-

interacting effects on pyrolysis product of solid carbonaceous biomass feedstock [160]. Likewise, hot 

water can affect the chemical kinetics and participate as a catalyst, reactant, and solvent. Theoretically, it 

is likely that water can also provide physical effects.  For instance, as stated by Funke and Ziegler [161], 

water can absorb generated heat and thus act as a buffer to spatial temperature gradients.  

The impact of interactive surface feature of steam on products includes changes in surface properties 

of the residual char and an increase in liquid yield. Steam affects vapour phase reactions that lead to fewer 

compounds possessing high molecular weight and less acids. The physical effects of steam in the pyrolysis 

process are the modification of the heat flux and fluidised bed dynamics. Mellin et al. [126], considered 



 

 
48 

the chemical and surface-interacting effects as mechanisms that merely have impacts on the secondary 

reactions occurring in vapour-phase and condensable evaporation. Hence, with this assumption, they 

have only modelled the physical effects (thermophysical properties) of steam on the bed dynamics and 

primary reactions. When fluidising media combined with steam, more primary products at the lower part 

of the fluidised bed reactor were generated and accompanied by longer solid–vapour contact time, which 

leads to the improved temperature distribution. The observed results showed an increase in total heat 

flux in the lowest part of the reactor. Additionally, more heat from the sand is transferred via the gas 

phase when using steam. Eventually, based on their findings, it is concluded that due to moderate 

variations in the product generation rate and composition, the main effect of steam is only associated 

with the chemical and surface-interacting mechanisms. 

Later, biomass fast pyrolysis process in fluidised bed reactor with the focus on detailed secondary 

reaction schemes were studied by Melin et al. [162] using CFD. Effect of reaction atmospheres (H2O, 

N2, H2, CO2, CO, and N2) has been studied both in a chemical and physical sense. It was observed that 

the reaction atmosphere had a dominant impact on the yield of various compounds, temperature 

distribution, residence time, radical concentration, and turbulent intensity. At the studied temperature 

(873 K), turbulent intensity seemed to have the most substantial influence on liquid yield. Among the 

studied atmosphere, the longest residence time was (2.6 s) and at the same time the maximum amount 

of liquid yield was observed when H2O was used. This appears to be due to low turbulence. High 

turbulence at the inlet led to significant loss of tar. The shortest residence time (1.2 s) and the lowest 

liquid yield, due to higher turbulence, was observed when H2 was used. 

2.6 Conclusion 

Detailed overview of the various pyrolysis reactor configurations showed that fluidised bed and 

auger reactors are promising technologies for the generation of bio-oil from biomass feedstocks due to 

their feasibility for scale-up. Then the impact of operating and design parameters has been reviewed in 

these reactors. These parameters may influence one or more of the three main factors, including the 

reaction kinetics, the heating rate, and vapour residence time that determine the products 

quality/quantity.  

Significant results: 

• As expected, the temperature has the most substantial impact on product yields. Since the heat 

of reactions can be supplied via a heated wall, hot carrier gas particles, and biomass preheat, 

variation in each of them affects the product yields.  
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• The second most important group of factors are the ones that affect heating rates, including feed 

rate, particle size, and any other parameters that impact the mixing of carrier gas and biomass 

particles.  

• The other influencing parameters are the parameters that affect the flow dynamics inside the 

reactors, including carrier gas velocity, operating pressure, and the rotational speed of rotary 

parts.  

• Last but not least is the category which includes feedstock material and reaction environment 

that vary the reaction kinetics without having any notable impacts on heading rates and residence 

time.  

• In addition to the studied parameters, some research gaps still exist to address the effect of the 

operating and design parameters in BFBR and auger reactors including the effect of heat carrier 

temperature, screw rotational speed, pre-treatment temperature, location of biomass injector, 

vacuum pressure at the exit, multiple inlets and outlets, variable wall heating.” 
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Abstract 

This chapter presents a numerical study of operating factors on the product yields of a fast 

pyrolysis process in a 2-D standard lab-scale bubbling fluidised bed reactor. In a fast pyrolysis 

process, oxygen-free thermal decomposition of biomass occurs to produce solid biochar, 

condensable vapours and non-condensable gases. This process also involves complex transport 

phenomena and therefore the Euler-Euler approach with a multi-fluid model is applied. The eleven 

species taking part in the process are grouped into a solid reacting phase, condensable/non-

condensable phase, and non-reacting solid phase (the heat carrier). The biomass decomposition is 

simplified to ten reaction mechanisms based on the thermal decomposition of lignocellulosic 

biomass. For coupling of multi-fluid model and reaction rates, the time-splitting method is used. 

The developed model is validated first using available experimental data and is then employed to 

conduct the parametric study. Based on the simulation results, the impact of different operating 

factors on the product yields are presented. The results for operating temperature (both sidewall 

and carrier gas temperature) show that the optimum temperature for the production of bio-oil is 

in the range of 500-525°C. The higher the nitrogen velocity, the lower the residence time and less 

chance for the secondary crack of condensable vapours to non-condensable gases and 

consequently higher bio-oil yield. Similarly, when the height of the biomass injector was raised, the 

yields of condensable increased and non-condensable decreased due to the lower residence time 

of biomass. Biomass flow rate of 1.3 kg/h can produce favourable results. When larger biomass 

particle sizes are used, the intraparticle temperature gradient increases and leads to more 

accumulated unreacted biomass inside the reactor and the products’ yield decreases accordingly. 

The simulation indicated that the larger sand particles accompanied by higher carrier gas velocity 

are favourable for bio-oil production. Providing a net heat equivalent of 6.52 watts to the virgin 

biomass prior to entering the reactor bed leads to 7.5 % higher bio-oil yields whereas other 

products’ yields stay steady. Results from different feedstock material show that the sum of 

cellulose and hemicellulose content is favourable for the production of bio-oil whereas the biochar 

yield is directly related to the lignin content. 

Keywords: Biomass; fast pyrolysis; bubbling fluidised bed reactor; Euler-Euler approach; 

multi-fluid model; bio-oil. 
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3.1 Introduction  

Environmental issues and the unsustainability of fossil fuels has motivated many researchers 

to seek alternative energy sources [163, 164]. Biomass can be used as a sustainable and eco-friendly 

source of energy due to its abundance and formation process [3]. All organic material such as 

agricultural products and its waste, forest residue, land and aquatic animals can be classified as 

biomass [4-6]. Lignocellulosic biomass contains high energy organics in the form of cellulose, 

hemicellulose, and lignin which are available in agricultural waste, forest and harvesting crop 

residues such as corn stover, switchgrass, bagasse etc. [7, 8]. Extracted energy from biomass is 

greener and more sustainable in comparison to conventional fossil fuels since it has lower 

emissions of sulfur dioxides (SO2) and particulate matter (PM) [9]. Carbon neutrality is another 

benefit of biomass which means that due to the life cycle of biomass, the photosynthesis process 

is able to recycle the released carbon dioxide (CO2) into the environment [9, 10]. Conversion of 

biomass to an upgraded quality fuel such as a liquid or more homogenous solid is also achievable 

[11, 12]. The possible routes are thermochemical conversions which are mainly; provision of heat 

via direct combustion, a synthesis gas generation by gasification; production of bio-oil, char, and 

non-condensable gas through pyrolysis process [10]. The generated products of biomass pyrolysis 

are beneficial for some applications including bio-oil for liquid fuel as a source of high-value 

chemicals; solid biochar (e.g. sustainable source for adsorbent, soil amendment, or catalyst); and 

biogas for energy recovery [13, 14]. Pyrolysis is categorised into three different groups; slow, fast, 

and flash pyrolysis. Char is the primary product of slow pyrolysis whereas the primary product of 

fast and flash pyrolysis is the liquid bio-oil. The produced bio-oil can be used for co-generation of 

heat and power in boilers, gas turbines, and diesel engines, or it can be upgraded to a higher quality 

fuel after refining [15-17].  

In recent years, numerous experimental [3, 165-170] and numerical [19, 65, 123, 140, 171-178] 

studies have investigated the biomass pyrolysis process. Although performing an experimental test 

is inevitable for finalising the design and optimisation of the pyrolysis process, it is very costly and 

time-consuming. In addition, a detailed understanding of complex physical phenomena such as 

multiphase flow dynamics, heat and mass transfers, and chemical kinetics that take place 

simultaneously inside the reactors, is challenging. Computational Fluid Dynamic (CFD) modelling 

techniques can be used as a tool in a better understanding of these types of systems. Moreover, 

CFD can model the internal temperature and pressure changes that are hard to measure in the 

harsh conditions of the reactor environment. CFD simulations can provide an insight into 

transport phenomena by giving an indication of the product yields of the pyrolysis process in 
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reactors. In CFD simulations different reaction mechanisms can be exchanged in and out 

depending on feedstock and pyrolysis conditions/reactors. The heterogeneity of the biomass and 

the multiphase flow make the reaction mechanism complex, however global reaction rates have 

been proposed by various researchers e.g. [30, 31]. Typically, global reactions are assumed where 

the biomass is converted through a series of primary and secondary reactions [179].  The reaction 

rates are typically derived in reactors where heat and mass transfer resistances are minimised. To 

properly model a pilot or commercial scale reactor, these resistances must be included in the form 

of transport equations.  

Widespread applications of fluidised bed reactors (FBR) have prompted the use of CFD 

simulations as a tool in design [19, 20, 65, 173-178, 180-183], to investigate impacts such as 

nitrogen and sidewall temperature, sand particle size, biomass feed rate and particle size, feedstock 

material, residence time and nitrogen velocity. The amount of extracted bio-oil from pyrolysis of 

biomass is determined by feedstock, operating temperature, and residence time of the condensable 

vapours [21]. At higher temperatures and longer vapour residence time, the possibility of secondary 

cracking reactions increased leading to lower yields of non-condensable and higher water content. 

There are some techniques to vary the residence times in fluidised beds such as the variation of 

carrier gas velocity and the location of the biomass feed injector relative to the reactor height [20]. 

The biomass feed rate is a factor in solid particle residence time. There is a balance between 

minimising secondary reactions and ensuring the biomass particles are well mixed and reach 

thermal equilibrium [123]. To enhance heat transfer between hot sand and cold biomass particles, 

they need to be blended together. Hence, the nitrogen velocity must exceed the minimum 

fluidisation velocity in order to maximise the mixing of solid particles. However, too high nitrogen 

velocity causes sand carryover from the reactor. The biomass particle size determines the heating 

rate of the particle and ideally fine particles are used to minimise intraparticle heat and mass 

transfer resistances. However, there is a balance between minimum particle size and costs to grind 

to this size [38]. Table 3-1 illustrates some other studies and discusses the application of CFD and 

their major findings in reacting multiphase flow. 

There are a number of CFD software packages capable of modeling reacting multiphase flow 

dynamics in different types of reactors and processes. For instance, ANSYS FLUENT [140, 184-

188], Multiphase Flow with Interphase eXchanges (MFIX) [65, 180, 189, 190], Open FOAM [19, 

20, 123, 172, 173, 175, 191, 192] etc. have been used frequently for simulation of reacting 

multiphase flow including combustion [184], gasification [184, 185, 187] and pyrolysis process 

[130, 184, 186, 188, 190, 193]. Among them, ANSYS FLUENT has attracted the attention of 
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engineers and researchers due to features including its user-friendly environment, capability of 

modelling complex geometries inside ANSYS workbench interface, programming facility by 

adding user defined functions (UDF), having most recent empirical correlations for granular heat 

transfer and drag as well as the KTGF (Kinetic Theory of Granular Flow); models that are needed 

for description of interphase transport phenomena. Therefore, ANSYS Fluent is an appropriate 

tool for numerical simulations of reacting multiphase flow for different reactor types with complex 

geometries from lab-scale and pilot scale to industrial scale. 

Table 3-1. CFD studies of typical reacting multiphase flow 

Author(s) Reactor 
type 

Process 
type 

Dimension Major findings 

Cardoso et al. 
[140] 

BFBR  Gasification 2-D 

• Tendency of biomass particles is to be in the middle and upper 
regions of the bed whereas sand particles accumulate at the 
middle and bottom of the bed.  

• Lighter biomass particles move towards the top of the bed, and 
heavier biomass particles mixed with the sand particles.  

• Increased superficial gas velocity improved the binary mixing. 

• Biomass particles move upwards across the bed at the reactor’s 
centreline and downwards in the near-wall region. 

• Smaller biomass particles allowed for a better heat transfer. 

Eri et al. [188] BFBR 

 

Fast 
pyrolysis 

2-D • Cellulose-rich biomass produces more bio-oil than other biomass 
types. 

• The content of lignin has a close relationship with char 
production. 

Kulkami et al. 
[194] 

Vortex 
reactor 
 

Fast 
pyrolysis  

3-D • Segregation of unwanted char particles towards the exhaust leads 
to lower undesirable gas-char contact, which resulted in more 
convective heat transfer coefficient between gas-solid and 
eventually higher yield of bio-oil. 

Peng et al. [195] BFBR 

 

Fast 
pyrolysis 

2-D • The product yields and reaction rates are a strong function of 
pyrolysis temperature  

• Cellulose had the strongest ability to produce bio-oil, while lignin 
had the strongest ability to produce char. 

Zhong et al. [186] BFBR Fast 
pyrolysis 

2-D • The particle shrinkage effect is applied to the complex pyrolysis 
mechanism. 

• The scheme has little impact on volume fraction and temperature 
distribution but influential impact on velocity distribution, mass 
fraction, diameter, and density, which finally effects the product 
yields. 

Lathouwers and 
Bellan [129, 130] 

FBR Fast 
pyrolysis 

2-D • The most influential factor on the bio-oil yield is the operating 
temperature. 

Aramideh et al. 
[196, 197] 

Auger 
reactor 

Fast 
pyrolysis 

3-D 

• The optimal wall temperature for maximum bio-oil production is 
about 823 K. 

• Increased pretreatment temperature of biomass led to lower bio-
oil yield. 

• Higher nitrogen flow rate resulted in higher bio-oil whereas 
increased biomass feed rate led to lower bio-oil yield.  

In this chapter, a CFD model is implemented to study a 2-D standard lab-scale bubbling 

fluidised bed reactor (BFBR). The model is validated first based on the available experimental data. 

A parametric study has then been conducted to address the effect of the most important influential 

parameters on the product yields of the process. In addition to the aforementioned parameters, 

the present chapter investigates the effect of the intraparticle temperature gradient, biomass 

preheat and different feedstock material (seven feedstocks) on product yields. A wide range of 

biomass feed rate is analysed so that the effect from this parameter, on the product yields, can be 
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more thoroughly assessed. This can assist in identifying an optimal setting with more efficient 

energy consumption. The possible methods for achieving the optimum amount of desired yields 

are proposed.  

3.2 Methodology 

In this chapter, multi-phase fluid dynamics is considered by using conservation laws of mass, 

momentum, energy, and species in Eulerian-Granular approach. To simulate biomass fast 

pyrolysis, a combination of Multi-Fluid Model (MFM) and a chemical solver is essential. 

Description of MFM model and chemical kinetics are as follows. 

3.2.1 Multi-fluid model 

In the MFM, all phases are treated as inter-penetrating continua. Typically, MFM consist of 

one gas phase (primary phase) and an arbitrary number of solid phases (secondary phases). In this 

study, as shown in Figure 3-1, each phase consists of different species; three species for gas phase 

(condensable vapours, non-condensable gases, and nitrogen), seven species for biomass phase 

(virgin cellulose, virgin hemicellulose, virgin lignin, active cellulose, active hemicellulose, active 

lignin, and biochar), and one species for sand phase. Thus, eleven species are involved in the 

process. By considering the volume fraction of each phase, the conservation equations for each 

phase are derived separately. In addition to the fundamental conservation equations, some extra 

equations such as stress-strain tensor for momentum equations, conductive heat flux for energy 

equations, and diffusive flux for species equations are needed. However, in the derivation of the 

equations, some unknown terms are produced which necessitates using closure models. In the 

interaction of gas-solid phases, two models are proposed. The first model is the empirical 

correlations (drag and heat transfer correlations) which is required for interphase transport 

correlations and the second model is KTGF [143], which is needed for calculation of granular 

temperature, pressure, viscosity, etc. Detailed description of the models can be found in the 

literature [19, 65, 123, 180].  
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Figure 3-1. Chemical reactions and exchange of mass, momentum, and heat between phases 

3.2.2 Chemical kinetics of a single biomass particle 

Since many elementary reactions are involved in the biomass pyrolysis process [198], lack of 

knowledge about the actual chemical reactions and compounds formed for the specific biomass 

makes development of a detailed and fundamental decomposition mechanism difficult [199]. In 

order to capture the devolatilisation of the biomass and secondary cracking, a lumped global 

kinetics was used. A single-component single-step reaction kinetics was first proposed by 

Shafizadeh and Chin [106] to describe the wood thermal decomposition. However, the proposed 

method was not able to predict the secondary cracking caused by depolymerisation [200]. Further, 

it is proposed that the biomass is initially devolatilised to reach an intermediate stage, or activated 

biomass [201]. These shortcomings are addressed using single-component multistep reaction 

kinetics proposed by Shafizadeh and Chin [106]. Subsequently multicomponent single-step 

reaction kinetics was considered to individually account for the effect of each biomass component 

(cellulose, hemicellulose and lignin) [202]. Eventually, multicomponent, multistep reaction kinetics 

have been proposed by Ward and Braslaw [203], Koufopanos et al. [204, 205], Orfao et al.[206], 

Miller and Bellan [207]. It is proposed that multicomponent multistep reaction kinetics is the most 

accurate and feasible method for practical application [208]. Although using the lumped reaction 

schemes is straightforward, the predictability of the product yields using numerical simulations is 
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strongly dependent on the accuracy of the reaction kinetics. Thus, in recent years, some research 

has been performed considering comprehensive and relatively complex reaction kinetics [209, 

210]. 

In this study, a superimposed reaction kinetics based on multicomponent multistep reaction 

kinetics is used to simulate the fast pyrolysis of the biomass. As mentioned, the feedstock material 

is considered a lignocellulosic biomass, which can be stated as: 

Biomass=α Cellulose+β Hemicellulose+γ Lignin (3-1) 

Where (α,β,γ) is the initial mass composition of biomass. The rate of pyrolysis is the sum of 

each component’s rate so that the contribution of each component is proportional to its mass 

fraction. In the kinetic model, virgin biomass converts to “active material” which then reacts to 

condensable, non-condensable and char. Subsequently in the secondary reaction, condensable 

reacts to form non-condensable. As illustrated in Figure 3-1, three different phases including 

biomass phase, sand phase and gas phase are considered. Each phase involved in the process has 

a number of species. The biomass phase includes virgin and active biomass and char while the gas 

phase includes condensable, non-condensable and nitrogen. The sand phase and nitrogen are inert 

and do not participate in the chemical reactions. The reaction rate constants are calculated as 

below: 

𝑘𝑖 = 𝐴𝑖 𝑒𝑥𝑝 (−
𝐸𝑎𝑖
𝑅𝑇

) (3-2) 

where 𝑘𝑖 is the rate constant for reaction “i”, and 𝐴𝑖 and 𝐸𝑎𝑖 are the associated Arrhenius 

constant and activation energies. “T” is the temperature in Kelvin and “R” is the gas constant. As 

indicated previously, overall, eleven different species are included in this reaction scheme; the solid 

reaction phase (virgin biomass, active biomass and biochar), the condensable/non-condensable 

phase, and the non-reacting sand phase. The nitrogen is included in the gas phase as it contributes 

to partial pressures but does not react. The values of the kinetic parameters for the reaction scheme 

and the obtained values for heat of reaction are outlined in Table 3-2. Y is the formation ratio for 

the char component, which is 0.35, 0.6, and 0.75 for pyrolysis of cellulose, hemicellulose, and 

lignin, respectively [180]. The thermo-physical properties of species involved in the reactions of 

the biomass are given in Table 3-3. It is worth noting that the incompressible ideal gas model 
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calculates the density of gaseous species and the viscosity of the solid species are calculated based 

on the granular models. 

Table 3-2. Pre-exponential factors and activation energies for the biomass component [180]. 

Components Reaction A(s-1) E(MJ/kmole) Heat release, Δh (MJ/kmole) 

Cellulose k1C 
k2C 
k3C 

2.8×1019 

3.28×1014 

1.3×1010 

242.4 
196.5 
150.5 

0 
41.35 
-3.24 

     
Hemicellulose k1H 

k2H 
k3H 

2.1×1016 

8.75×1015 

2.6×1011 

186.7 
202.4 
145.7 

0 
33.69 
-2.64 

     
Lignin  k1L 

k2L 
k3L 

9.6×108 

1.5×109 

7.7×106 

107.6 
143.8 
111.4 

0 
53.09 
-4.16 

     
Tar k4 4.25×106 108.0 -4.2 

Table 3-3. Thermo-physical properties of species [129]. 

Species 

Density 

𝜌 (kg/m3) 

Particle 

diameter 

ds (m) 

Molecular 

weight 

(g/mol) 

Heat 

capacity 

Cp (J/kg K) 

Dynamic 

viscosity 

  𝜇 (kg/ms) 

Thermal 

conductivity  

k (J/kg K) 

Condensable  - - 100 2500  3×10-5 2.577×10-2 

Non-condensable - - 30 1100 3×10-5 2.577×10-2 

N2 - - 28 1121 3.58×10-5 5.63×10-2 

Biomass 400 4×10-4 * 2300 - 0.3 

Biochar 2333 4×10-4 12.01 1100 - 0.1 

Sand 2649 5.2×10-4 60.08 800 - 0.27 

*Molecular weights of the biomass components are 162.14, 132.11, and 208.21 (g/mol) for cellulose, hemicellulose, 

and lignin, respectively. 

3.3 Experimental validation 

To validate the numerical simulations, a standard lab-scale bubbling fluidised bed reactor 

based on the experimental study of [65] is used. The 2-D computational domain is shown in Figure 

3-2. Biomass with a diameter of 0.4 mm at an inlet temperature of 300 K is fed at a rate of 100 

g/h. Nitrogen flows from the bottom of the bed at a velocity of 0.36 m/s and temperature of 773 

K. The sand with a diameter of 0.52 mm is initially packed to a height of 5.5 cm with a volume 

fraction of 0.59. The outflow boundary condition is used at the outlet. No-slip wall condition is 

applied to the solid walls. To simulate external heating, the wall temperature is kept constant at 

800 K up to a height of 8 cm. The bed temperature is initially set to 773 K. The biomass feedstock 

is red oak with a composition of (𝛼, 𝛽, 𝛾) = (0.41,0.32,0.27). A grid independency study is carried 

out using 2-D mesh with four different grid resolutions for pure cellulose as a feedstock. The 

number of meshes for cases 1-4 are 225, 910, 2055, and 3640, respectively. The centteline 
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temperature distribution of the reactor is shown in Figure 3-3. Since there is no significant 

difference between cases 3 and 4, to save computational costs, case 3 with 2055 meshes is selected 

for further simulations. At the beginning of the simulations, small time step size of 1×10-4 s is used 

to avoid numerical instability. However, the adopted grid resolution allows us to increase the time 

step size to 5×10-4 s without any numerical instability. In the species transport equations, the mass 

fraction of each species must sum to unity. Therefore, the Nth mass fraction is determined as one 

minus the sum of the N-1 solved mass fractions. To reduce the numerical error, the Nth species 

should be selected as the species with the overall largest mass fraction (nitrogen in the gas phase 

and cellulose in the biomass phase).  

 
Figure 3-2. Schematic geometry of 2-D model of bubbling fluidised bed for simulations. 
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Figure 3-3. Axial distribution of gas temperature at statistically steady state condition using different grid 

sizes. case 1: 225 meshes, case 2: 910 meshes, case 3: 2055 meshes, and case 4: 3640. 

For the numerical simulations, FLUENT solver V18.0 is used. The Eulerian-Granular 

approach is considered for the solution of laminar multiphase flow by activating both the energy 

and species transport equations. The conservation equations are solved in two fractional steps. In 

the first fractional step, reaction terms set to zero considering only the spatial solution of the 

multiphase species. In the second fractional step, a stiff ODE (Ordinary Differential Equations) 

solver is employed by integrating the reactions terms in each cell. The second-order implicit 

method is used for time discretisation. The least square cell-based is applied to the pressure-based 

solver and phase coupled SIMPLE-algorithm for the pressure-velocity coupling. Momentum, 

energy and species equations are discretised by the second order (upwind) method. The volume 

fraction is calculated using the QUICK algorithm. Finally, each phase, especially the sand phase, 

is initialised by hybrid initialisation; and are patched based on the initial packing limit.  

The product yields are calculated by integrating across the reactor outlet. For example, the 

condensable yield is calculated as follows:  

𝜂𝐶𝑜𝑛𝑑𝑒𝑛𝑠𝑎𝑏𝑙𝑒 = {∫ ∫ (𝜀𝑔𝜌𝑔𝑈𝑔𝑌𝑐𝑜𝑛𝑑𝑒𝑛𝑠𝑎𝑏𝑙𝑒
𝑜𝑢𝑡𝑙𝑒𝑡

𝑡𝑠𝑠𝑠+𝛥𝑡

𝑡𝑠𝑠𝑠

)𝑑𝐴𝑑𝑡 

/∫ ∫ [𝜀𝑔𝜌𝑔𝑈𝑔(𝑌𝑐𝑜𝑛𝑑𝑒𝑛𝑠𝑎𝑏𝑙𝑒 + 𝑌𝑛𝑜𝑛−𝑐𝑜𝑛𝑑𝑒𝑛𝑠𝑎𝑏𝑙𝑒
𝑜𝑢𝑡𝑙𝑒𝑡

𝑡𝑠𝑠𝑠+𝛥𝑡

𝑡𝑠𝑠𝑠

)

+ 𝜀𝑏𝑖𝑜𝑚𝑎𝑠𝑠𝜌𝑏𝑖𝑜𝑚𝑎𝑠𝑠𝑈𝑏𝑖𝑜𝑚𝑎𝑠𝑠(𝑌𝑏𝑖𝑜𝑐ℎ𝑎𝑟 + 𝑌𝑢𝑛𝑟𝑒𝑎𝑐𝑡𝑒𝑑−𝑏𝑖𝑜𝑚𝑎𝑠𝑠)𝑑𝐴𝑑𝑡} 

(3-3) 
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where tsss is the time for reaching statistically steady state condition, Δt is the last 20 seconds 

of the simulation physical time after reaching statistically steady state condition. ε, ρ, U is the 

volume fraction, density, and velocity of each phase, respectively. Index g in equation 3 represent 

the gas phase. Y is the mass fraction of each species in the specified phase. The comparison of 

product yield for pyrolysis of red oak as a feedstock material against experimental data [65] is 

shown in Table 3-4.  

Table 3-4. Comparison of product yield for red oak pyrolysis (wt %) between simulation and experiment 

Components Condensable Non-condensable Biochar Unreacted biomass Temperature (°C) 

Experiment 

[65]  
71.7±1.4 20.5±1.3 13±1.5 - 500 

Current study 62.4 16.9 11.2 9.5 493 

The predicted results for biochar show a good agreement with the published experimental 

data. The results obtained for condensable vapours are comparable to the experimental ones. 

However, the results for non-condensable gases under predicted the experimental values. The 

difference between the numerical and experimental bed reactor temperature is due to heat transfer 

from hot sands, heated wall and hot carrier gas to cold virgin biomass. The percentage of 

discrepancy between the experiment and the simulation results for condensable, non-condensable, 

biochar, and operating temperature are 13, 17.6, 13.8, and 1.4, respectively 

3.4 Results and discussion 

In this section, the results for biomass fast pyrolysis in the bubbling fluidised bed reactor 

illustrated in Figure 3-2 are presented. The common method for calculation of the product yields, 

used by researchers [19, 20, 65, 123, 173, 180] monitors the product outflux at the reactor outlet. 

Since many fluctuations are witnessed in the outflux of the product in the reactor outlet, the 

decision about the time of achieving the statistically steady state condition (a state in which the 

mean field of variables are the object of interest despite the fluctuations in some flow properties) 

is challenging. It should be noted that statistically steady state condition for the simulation results 

occurs at a different physical time for different parameters. Thus, the criteria for deciding whether 

the steady state condition is obtained or not is carried out by considering the temperature outlet 

and outflux of products (condensable, non-condensable, and biochar).  
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3.4.1 Effect of biomass feed rate 

Figure 3-4. shows the effect of biomass feed rate on the product yields. It can be seen that 

below 1.3 kg/h the product yields are relatively constant. This implies that when the biomass feed 

rate is not too high, the biomass contacts with heated wall and mixing with hot sand, and hot 

carrier gas, results in high heat transfer and possible lower fluctuations in temperature therefore 

reaction rates are not affected by the feed rates. These findings are comparable with other 

published results [123, 129]. However, by introducing more mass flux (> 1.3 kg/h), the supplied 

heat is insufficient for biomass particles to reach the operating temperature of the reactor. The 

small increase in biochar is not significant whereas the large increase in unreacted biomass is 

significant which resulted in lower production of condensable vapours and non-condensable gases. 

This range of feed rates was used to find an optimal energy consumption, which in this case is 1.3 

kg/h. We need to find how far we can increase the feed rates to prevent waste of energy.  

Figure 3-4. Product yields’ variation with respect to biomass feed rate 

3.4.2 Effect of biomass particle size  

In Figure 3-5, the effect of biomass particle size on the product yields is shown. Contrary to 

other published results [123], in this study, the effect of the intraparticle temperature gradient is 

considered. It is noteworthy that for larger particles the intraparticle temperature gradient plays an 

important role in the product yields as the larger particles show a higher unreacted biomass 
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fraction. However, it should be noted that with respect to the reacted biomass, the particle size 

does not play a role in the ratios of the different products (i.e. 0.66, 0.2, 0.14 for condensable, non-

condensable, and biochar, respectively). There is no limit for the size of large particles used. As 

long as the provided heat is sufficient, larger biomass particles can be used if they are surrounded 

by sand particles of suitable sizes to maximise heat transfer from hot sand particles to cold virgin 

biomass particles. However, it is more efficient to have smaller biomass particles since the 

intraparticle temperature gradient is lower for smaller particles. Therefore, despite the increased 

costs, grinding biomass particles are inevitable. On the other hand, if the biomass particles are too 

tiny, unreacted particles may be thrown out of the reactor bed by the carrier gas. In conclusion, 

deciding on an optimal size for biomass particles depends on many different factors and cannot 

be determined with certainty. 

 
Figure 3-5. Product yields variation with respect to biomass particle size  

3.4.3 Effect of sand particle size  

For specific nitrogen velocity, the bed expansion is lower for larger sand particles. In other 

words, the larger the sand particle size the less efficient is the fluidisation. When larger sand 

particles are used, the minimum fluidisation velocity rises and necessitates higher carrier gas 

velocity in order for the particles to fluidise. The minimum fluidisation velocity [123] is;  
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𝑈𝑚𝑓 =
𝑑𝑠
2

150𝜇𝑔
𝑔(𝜌𝑠 − 𝜌𝑔)

𝜀𝑚𝑓
3

1 − 𝜀𝑚𝑓
 (3-4) 

where 𝑑𝑠 is the mean sand particle diameter, 𝜀𝑚𝑓 is the minimum gas volume fraction, 𝑔 is 

the gravity acceleration, 𝜌𝑠 and 𝜌𝑔are the density of solid and gas phases, respectively. Table 3-5 

illustrates the variation of minimum fluidisation velocity with respect to sand particle’s diameter. 

Table 3-5. Minimum required nitrogen velocity for effective fluidisation. 

Minimum fluidisation velocity (m/s) Sand particle size (𝜇𝑚) Nitrogen velocity 

0.08 400 0.2 

0.13 500 0.3 

0.19 600 0.4 

0.25 700 0.5 

0.33 800 0.6 

0.42 900 0.7 

0.52 1000 0.8 

The predicted product yields with respect to sand particle’s diameter are shown in Figure 3-

6. As it can be seen, the trend is similar to the effect of nitrogen velocity (Figure 3-8). By increasing 

the sand particle size, the required carrier gas velocity for effective fluidisation rises, and 

consequently the residence time decreases which minimises secondary cracking of condensable 

vapours to non-condensable gases. Moreover, when biomass particles are surrounded by larger 

sand particles, appropriate heat transfer from hot sand particles to cold virgin biomass particles 

rises due to higher heat transfer area. This phenomenon results in lower biochar yield and 

unreacted biomass. These results are consistent with other researchers’ findings [123]. 

Hot sand particles play the role of heat carrier to the biomass particles. Sand particles need to 

surround the biomass particles effectively in order to facilitate the heat transfer between hot sand 

particles and cold virgin biomass. Therefore, it will be more efficient if sand particles are larger 

than biomass particles. This will also increase the heat transfer surface area. The only limit for 

using larger sand particles is their fluidisation. Therefore, the optimal condition that can be decided 

for sand particle size depends on some factors including biomass particle size and fluidising gas 

velocity.  
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Figure 3-6. Product yields’ variation with respect to sand particle size.  

3.4.4 Effect of biomass injector location  

As the biomass injector is moved to a higher location, the production of condensable vapours 

rises and non-condensable gases decreases (Figure 3-7). Moving the injector to a higher location 

decreases the solids and vapour residence time and thereby minimises cracking of condensable 

vapours to non-condensable gases. In this case, the rate of secondary crack of condensable vapours 

to non-condensable gases varies from 0.089 to 0.036 kg/h in the range of 16.5-20 mm of injector 

height. It is worth noting that the limit for biomass injector location is the maximum packing limit. 

Otherwise, the higher the position of the injector, the shorter the residence time and the higher 

the yield of condensable vapours. Therefore, the optimal height for the biomass injector depends 

on the initial packing limit of the sand particles.  
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Figure 3-7. Product yields’ variation with respect to biomass injector height.  

3.4.5 Effect of nitrogen velocity 

The effect of superficial nitrogen velocity on the product yields is shown in Figure 3-8. As the 

carrier gas velocity increases, condensable yields increase, non-condensable and unreacted biomass 

decrease, whereas the char yields remain constant. The increase in condensable and a decrease in 

non-condensable values are due to shorter residence time (minimising secondary cracking 

reactions). These results agree with previous findings from literature [20, 65, 123]. The lower limits 

for nitrogen velocity are determined by the minimum fluidisation velocity, which depends on the 

sand particle size (Table 3-5). However, the carrier gas velocity can be increased to the extent that 

does not force the unreacted biomass particles and sand particles out of the reactor bed. Therefore, 

the optimal nitrogen velocity depends primarily on particle sizes. 
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Figure 3-8. Product yields’ variation with respect to carrier gas velocity. 

3.4.6 Effect of operating temperature  

In Figure 3-9 the effects of both sidewall and nitrogen temperature on the product yield are 

demonstrated. The yield of non-condensable is constantly growing for two possible reasons. 

Firstly, a rise in the temperature improves devolatilisation and increases the reaction rates. 

Secondly, at higher temperatures, secondary crack occurs which converts condensable vapours to 

non-condensable gases. For instance, the secondary reaction rate varies from 0.005 to 0.198 kg/h 

at a temperature range of 400-675 °C. On the other hand, the yield of condensable initially 

increases as the devolatilisation and reaction rates increase, and then decreases due to the 

secondary crack, which decomposes condensable vapours to non-condensable gases. These 

findings are in accordance with a previous study [123]. The maximum bio-oil yields occur in the 

range of 500-525°C as an operating temperature. However, with further increase in temperature, 

secondary cracking reactions are favoured and result in a precipitous decrease in condensable yield. 

In other words, as the temperature exceeds 600ºC, the process behavior is more like gasification 

than fast pyrolysis. Hence, condensable vapours, unreacted biomass and biochar decrease with the 

increase in temperature. Fast pyrolysis process occurs at moderate temperatures and its optimal 

temperature is in the range of 500-550 ºC. At higher or lower temperatures other than these values, 

the condensable yield decreases. Therefore, in this chapter a temperature range of 400-675 ºC is 

considered to see the effect of lower and higher temperatures on all product yields. 
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Figure 3-9. Product yields’ variation with respect to carrier gas temperature. 

3.4.7 Effect of biomass preheat  

The effect of biomass preheat prior to injection inside the reactor is illustrated in Figure 3-10. 

When the biomass is preheated, it reaches the active state more quickly and with a further heat 

transfer provided by the heated wall, sand, and hot carrier gas, more proportion of biomass is 

converted to the products. Therefore, unreacted biomass decreases whereas biochar yield remains 

steady. In addition, more reacted biomass means more production of condensable and non-

condensable. Since by preheating the virgin biomass, the active state is reached faster and the 

residence time is shortened which leads to higher condensable and lower non-condensable yields. 

Thus, altogether, preheating has a favourable effect on condensable yields whereas non-

condensable yields remain stable. It is worth noting that preheating of the virgin biomass from an 

ambient temperature of 298 K to a temperature of 400 K is equivalent to 6.52 watts of net heat 

energy. Therefore, it would be more efficient to spend some of the energy on preheating of the 

biomass prior to reaching the reactor bed provided that no reactions occur outside the reactor bed. 

The maximum temperature rise that is considered for pre-entry stage is ΔT= 100 K. Therefore, as 

long as no reaction takes place in the biomass feeder, preheating the biomass will maximise the 

bio-oil yield.   
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Figure 3-10. Product yields’ variation with respect to pretreatment temperature. 

3.4.8 Effect of feedstock material  

Since the model is capable of predicting product yields from different lignocellulosic biomass 

with different biomass components, seven different feedstocks are considered to allow a wide 

range of feedstock material to be studied. However, any other type of biomass with other content 

such as water content and impurities are beyond the scope of this study. Various feedstocks and 

their components are illustrated in Table 3-6. Figure 3-11 shows the simulation results for different 

feedstocks. The results show that the sum of cellulose and hemicellulose content of the material 

is a more favourable component for the bio-oil production whereas the lignin content contributes 

to more biochar yields. Figure 3-12 shows this trend in a different way. The biochar yield linearly 

changes with lignin content and condensable yield rises when the sum of cellulose and 

hemicellulose content increases. The most condensable yield is anticipated from pure cellulose 

whereas the most biochar yield is predicted from olive husk fast pyrolysis.  

Table 3-6. The initial mass fraction of biomass (𝛼, 𝛽, 𝛾) in Equation (1)  

Feedstock Pure cellulose Red oak Bagasse Corn Stover Switchgrass Maple Olive husk 

Cellulose 1 0.41 0.36 0.48 0.42 0.40 0.22 

Hemicellulose 0 0.32 0.47 0.30 0.34 0.38 0.33 

Lignin 0 0.27 0.17 0.22 0.24 0.22 0.45 
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Figure 3-11. Product yields’ variation with respect to different biomass feedstock. 

 
Figure 3-12. Product yields’ variation with respect to the component content of feedstock material 
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Although in the current chapter the authors addressed most of the influential factors in 

biomass fast pyrolysis in a bubbling fluidised bed reactor, the following factors can also be 

considered for future studies:  

• Initial sand packing limit: in this study, sand is initially packed to the height of 5.5 cm with porosity 

of 0.61.  The effect of other packing heights can be considered.  

• Effect of catalytic particles: in this chapter, two solid phases are considered including solid phase 1 

or reacting biomass phase and solid phase 2 or inert sand phase. What happens if the solid 

phase 2 is catalyst or a mixture of catalyst and non-catalyst particles? In this case, the previous 

chemical kinetics and reaction rates are not applicable and other chemical kinetics need to be 

considered. For instance, biochar particles can act as vapor-cracking catalyst and as long as the 

condensable vapors are in contact with biochar particles the effect of catalytic pyrolysis is yet 

to be considered. Therefore, the effect of catalytic particles by considering their unique 

chemical kinetics for secondary cracking can be a topic for future studies. 

• Effect of particle shrinkage: in this chapter the particles’ size are considered uniform whereas the 

particle shrinks during the process. The effect of particle shrinkage can be considered by 

applying UDF to the models. 

• Moisture content and impurities in biomass feedstock: this chapter considers merely the lignocellulosic 

biomass whereas real biomass feedstock may contain moisture content and impurities. 

Therefore, considering these additional components necessitates some modifications for 

proposed chemical kinetics used for lignocellulosic biomass.  

3.5 Conclusion 

This chapter presented a CFD model for simulation of a fast pyrolysis process in a standard 

2-D lab-scale bubbling fluidised bed reactor. A Euler-Euler approach is adopted with the multi-

fluid model (MFM) for a gas phase, and two solid phases. The multi-step global reaction 

mechanisms are considered for chemical kinetics.  

Published experimental data for red oak as a feedstock is used to validate the model. The 

predicted results for biochar are in good agreement with the experimental data. The results 

obtained for condensable vapours are comparable to the experimental ones. However, the results 

for non-condensable gases under-predicted the experimental values.  
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A parametric study is conducted to investigate the effect of various operating parameters on 

the product yield.  

Significant results: 

• It is observed that the operating temperature plays a vital role in the yield optimisation of the 

product. The optimum temperature for the production of bio-oil is predicted to be in the range 

of 500-525°C.  

• Using higher nitrogen velocity, and moving the biomass injector to a higher elevation up to 

the height of sand packing limit leads to higher condensable and lower non-condensable yields.  

• The supplied heat is not sufficient to reach the centre of the thermally thick particles, and 

consequently, unreacted biomass grows when the size of the biomass increases. 

•  By exceeding a specific amount of biomass feed rate (1.3 kg/h), the supplied heat for the 

efficient reaction is not sufficient, and consequently, the product yields are lower. 

•  Larger sand particles necessitate using higher carrier gas velocity for effective fluidisation. 

Hence, the obtained results for this parameter are similar to the increasing effects of nitrogen 

velocity.  

• Preheating the virgin biomass as much as a net heat power of 6.52 watts resulted in 7.5 % 

more bio-oil yields whereas other products’ yields remain constant.  

• The model is capable of predicting product yields of other types of lignocellulosic biomass.  

The sum of cellulose and hemicellulose content in the feedstock is favourable for bio-oil 

production, whereas the lignin content contributes to higher biochar yields. 
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CFD Analysis of Fast Pyrolysis in a Pilot-scale 

Auger Reactor  

 

This chapter is extracted from an accepted paper in journal of “Fuel”. The citation for the research 

article is: 
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of Fast Pyrolysis Process in a Pilot-scale Auger Reactor’. J of Fuel, 273(2020), 117782. 
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Abstract 

In this work, an auger pilot-scale fast pyrolysis process computational fluid dynamic (CFD) 

model was developed for use as a design tool for scale-up. Multiphase flow dynamics and chemical 

kinetics were included in the multi-fluid model (MFM). Rotating reference frame (RRF) was 

adopted to simulate the effect of rotation of the auger in the reactor. The model predictions were 

validated with experimental data at three temperatures (450, 475, and 500 °C) and four biomass 

feed rates (1, 1.5, 2.5, 3.5 kg/h). Good agreement was observed between the simulations and the 

experiment. A parametric study of the process was carried out to study the impact of operating 

factors including biomass feed rate (1-4 kg/h), operating temperature (400-600 °C), and vacuum 

pressure (0-500 mbar). Other parameters studied included using nitrogen as a carrier gas (1-10 

kg/h) and varying the angular velocity of the screw (45-95 rpm). The results illustrate that the 

predicted optimum temperature for maximising bio-oil production is 500°C. Bio-oil yield 

increased as the biomass feed flow rate increased due to shorter vapour residence time, minimising 

further reaction of the non-condensable fraction in the vapour phase. Introducing nitrogen shows 

the same effect, increased yield due to decreased vapour residence time. Increasing the angular 

velocity of the screw enhances the flow of vapours in the reactor; however, the rotational speed 

must be balanced against the increase in unreacted biomass. The simulation gave an optimum of 

70rpm for the angular velocity of the screw. 

Keywords: computational fluid dynamic (CFD) simulation; biomass; auger reactor; fast 

pyrolysis process; bio-oil. 
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4.1 Introduction 

Depletion of fossil fuels and the environmental impacts such as global warming and climate 

change are strong motivators for developing alternative energy sources [1, 2]. However, the 

transition from petroleum-based to renewable infrastructure is challenging due to established fossil 

fuels infrastructure. Bio-based fuels can provide a bridging/alternative to petroleum fuels due to 

similarity in physical and thermal properties and abundant biomass feedstock [89]. Bio-based fuels 

can either be combined with petroleum-based fuels or utilised as a stand-alone energy source [211]. 

Established routes to convert biomass to biofuel are fermentation, digestion, combustion, 

gasification, liquefaction, extraction, chemical conversion, enzymatic conversion, and pyrolysis. 

Pyrolysis is a thermochemical decomposition process in the absence of oxygen to convert raw 

biomass into high-energy-density bio-oil and combustible gases. The product distribution depends 

on the source of the biomass which includes, but is not limited to, agricultural waste, forestry 

residues (i.e. sawdust, bark, woodchips, shavings), and algae. Lignocellulosic biomass contains high 

energy organics of three natural polymers: cellulose (40-45%), hemicellulose (25-35%), and lignin 

(20-30%) [212]. Lignocellulosic biomass is abundant in agricultural waste, forestry, and harvesting 

crop residues such as sawdust, bark, and corn stover [213, 214]. Biomass with higher ratios of 

cellulose/hemicellulose relative to lignin show higher bio-oil yields [37, 215-217]. Pyrolysis can be 

broadly categorised into three types according to temperature and residence time/heating rates, (i) 

slow (low heating rates, long solids residence time), (ii) fast (short vapour residence time t <2 s, 

high heating rates (100 °C/s), and moderate temperature 500-600 °C), and (iii) flash (high heating 

rates >200 °C/s, short vapour residence time, and high temperature >600 °C). The highest bio-

oil yield is associated with fast pyrolysis (50–75wt%) [218]. Although most fast pyrolysis systems 

operate at temperatures higher than 450oC, these temperatures represent the potential range of 

temperatures that could occur due to feedstock and/or reactor design. The decomposition 

temperature range that the different biomass components (cellulose, hemicellulose and lignin) start 

to decompose varies. Hemicellulose decomposes first in the temperature range of 220–315°C and 

the highest amount of loss rate (0.95 wt.%/°C) occurs at 268°C. Cellulose decomposes at a higher 

temperature range of 315–400°C with the maximum weight loss rate (2.84 wt.%/°C) reached at 

355°C. At temperatures higher than 400°C, the majority of the cellulose content breaks down, and 

the percentage of remaining solid residues is about 6.5 wt.%/°C. Lignin is the slowest to thermally 

decompose (mass-loss rate is lower than 0.14 wt.%/°C), starting in the range of other compounds 

but continuing to 900°C, and the solid residue remaining is the highest (~45.7 wt.%) [118]. Figure 

4-1 illustrates the Process Flow Diagram (PFD) for a typical pyrolysis process.  
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Pyrolysis reactors range from fluidised bed reactor, plasma pyrolysis reactor, free-fall reactor, 

fixed bed reactor, rotating cone reactor, microwave reactor, spouted bed reactor, and auger reactor. 

Among these reactors, bubbling fluidised bed, circulating fluid bed and auger reactors are the most 

attractive technologies and feasible options for scale-up. Other reactors, including ablative 

pyrolysis, rotating cone, and entrained flow reactors are less attractive technologies [36]. Reactors 

with high particle velocities such as ablative and rotating cone configurations are attractive due to 

their compact size and reduced amounts of carrier gas. The operation and maintenance of auger 

reactors is straightforward, as augers are common in forestry and agricultural operations. Augers 

are robust in terms of portability and operation for locations with restricted infrastructure or 

accessibility, can operate continuously, can operate with or without carrier gas, and the excellent 

mixing, due to the rotation of screw conveyors, enhances heat transfer among solid-solid particles, 

solid-gases and the reactor wall [75]. The main drawback is the potentially longer vapour residence 

times compared to other fast pyrolysis reactor designs, which can lead to vapour cracking [219, 

220]. However, this can be mitigated through proper design. Although the auger reactor has been 

used commercially, it has not received as much academic research with respect to flow dynamics 

as other types of pyrolysis reactors.  

Given that the reactor design is a function of several variables (e.g. biomass type, state of 

biomass, reactor conditions etc.), product quality/quantity as a function of changing 

biomass/conditions could only be assessed by performing multiple time-consuming lab and pilot-

scale experiments. These tests need to be repeated with scale-up. Combining experiments with a 

robust reactor numerical model as a tool could decrease the number of experiments (time and 

cost) and aid in scale-up.  

 
Figure 4-1. Process flow diagram (PFD) of a typical pyrolysis process 

In recent years study of the pyrolysis process had progressed well both experimentally and 

numerically. For instance, some of the recent relevant experiments on the pyrolysis process is 

mentioned here. Dacres et al. [221] applied a gas-pressurised (GP) torrefaction (5 MPa) method to 

pre-treat and enhance the thermochemical properties of biomass. The feedstock used were rice 

straw (RS) and pine sawdust (PS). Methods including Distributed Activation Energy Model 



 

 
79 

(DAEM), Flynn-Wall-Ozawa (FWO) and Friedman methods were investigated to study the 

reaction mechanism and the pyrolysis behaviour of the GP torrefied biomasses. The activation 

stage or volatilisation stage for GP torrefied biomass occurs slower than those of the raw biomass 

and the traditional torrefaction (0.1 MPa). On the contrary, the activation energy for char 

decomposition stage increased significantly. The factors that reduce the activation energy at 

volatilisation stage includes the catalytic effect of the minerals such as K and Na and porosity of 

the GP torrefied biomass. On the other hand, the rise of the activation energy for char 

decomposition stage was due to factors including the high aromaticity of the GP torrefied biomass, 

suppression of the char decomposition by minerals such as SiO2 and already volatilised minerals 

that have catalytic effect such as K and Na, at high temperatures. In a study by Sher et al. [222], 

the thermal and kinetic analysis of six different biomass feedstocks including woody (waste wood, 

wood pellets), non-woody (miscanthus, wheat and barley straw) and special type (short rotation 

coppicing (SRC) willow) were examined by thermogravimetry analysis (TGA), differential 

thermogravimetric (DTG) and differential scanning calorimetry (DSC) methods. The tests were 

conducted under N2, air, CO2 and the selected oxyfuel (30% O2/70% CO2) reaction condition. 

Thermal degradation of biomass under inert N2 and CO2 environment showed similar behaviours 

for weight loss rate, reactivity and activation energy profiles. Identical profiles were also observed 

for the environments under air (21% O2/79% N2) and the oxyfuel combustion. The thermal 

decomposition rate in an oxidising environment was higher than inert conditions which improved 

further as oxygen content increased from 21 to 30%. Lower cellulosic contents feedstocks 

observed to have higher activation energies with lower reactivity. Fu et al. [223] studied fast 

pyrolysis of wheat straw in dual concentric rotary cylinder (DCRC) reactor. Ceramic balls were 

used as recirculated heat carriers. Product yields distribution were studied with temperature 

variations. It was shown that bio-oil yield raised by 21.4% by increasing temperature from 400 to 

500 °C with the peak value of 47.6 wt%. This DCRC reactor scaled up successfully to a 25 kg/h 

pilot plant. 

There have been also several numerical (model-based) studies of pyrolysis reactors, including 

bubbling fluidised bed, auger, and vortex reactor in recent years [37, 38, 59, 61, 155, 216, 217, 224-

228]. Auger simulation methods include both moving mesh and a rotating reference frame (RRF) 

to model the screw rotation. The RRF is preferred as it avoids the complexity of creating dynamic 

meshes [37, 39, 40, 45]. Xiong et al. [229] analysed solid mixing and conveyance of a lab-scale 

auger reactor based on the shape of the screw conveyor. Continuity, momentum, and the heat 

equation, as well as the constitutive equations, were included in the model. However, the chemical 

reaction was not involved in the model. This work determined that enlarging the diameter of the 
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screw flight leads to enhanced solid mixing and conveyance. Increasing the shaft screw diameters 

and screw blade thickness improves solid mixing but reduces conveyance, and decreasing the screw 

pitch initially improves solid mixing followed by a decrease and then a final increase. By reducing 

the screw pitch, the conveyance of solid particles increases first and then decreases. Aramideh et 

al. [59] modelled pyrolysis of red oak as a lignocellulosic biomass with a composition of 41% 

cellulose, 32% hemicellulose, and 27% lignin, in a lab-scale auger reactor with nitrogen as a carrier 

gas. Both nitrogen and biomass were fed at ambient temperature, and since no heat carriers were 

used, the only source of heat was via heated wall (outside wall temperature varied from 748-948 

K). As such, for the screw surface, the adiabatic boundary condition was used. The optimal outside 

wall temperature for maximum bio-oil yield was approximately 823 K. The work indicated that 

pre-heating the biomass decreases the bio-oil production, higher nitrogen flow results in higher 

bio-oil yield, and high biomass feed rates (in this case greater than 1 kg/h) decreased bio-oil 

production. Shi et al. [61, 224] conducted a two-part study using a three dimensional Eulerian-

Eulerian CFD model on a lab-scale screw reactor. In the first part, the effect of solid particle flow 

dynamics and back mixing was studied. The observed solid back-flow was due to (1) Solids moving 

out of the shaft and down towards the preceding pitch, and (2) Reverse flow of particles with low 

axial velocity at the clearance between the flight and the bottom shell. This issue was mitigated by 

feeding the solids at a higher screw angular velocity while maintaining constant inlet solid mass 

flow rate. In the second part of the study, the same reactor configurations were used to study slow 

pyrolysis of pine wood with a dry-based composition of 50.3 wt% in cellulose, 29.7 wt% in 

hemicellulose, 10.5 wt% in carbon-rich lignin, 6.5 wt% in hydrogen-rich lignin and 3.0 wt% in 

oxygen-rich lignin from 598-648 K. To model the pyrolysis reactions, the Ranzi et al. kinetic model 

[116] was modified and incorporated into the CFD simulation. The model is a multi-component 

multi-step approach with detailed elemental information (C, H and O). The comparison of the 

simulation and experiment showed the mean deviation (MD) of 12.6 K at 598 K, MD of 7.7 wt%, 

6.2 wt% and 1.7 wt% for the yields of char, liquid, and gas, respectively. The elemental composition 

of char showed the MD of 1.6 wt%, 0.9 wt% and 2.5 wt% for the mass fractions of C, H and O, 

respectively. The model results were also used to calculate the higher heating value (HHV) and the 

energy yield in the resulting char. MD of about 1.0MJ kg-1 for the HHV and of about 9.4 wt% for 

the energy yield was observed. 

In previous publications, some auger reactor parameters have not studied yet. These 

parameters include the auger rotational speed and vacuum pressure. This chapter attempts to 

address these gaps by using a three-dimensional CFD model to simulate fast pyrolysis in a pilot-

scale auger reactor. A parametric study of operating temperature, operating pressure, screw 
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rotational speed, biomass feed rate and inclusion of carrier gas impact on product yields have been 

conducted. The model is validated using experimental data. 

 4.2 Methodology 

In this chapter, the Eulerian-Granular [143] approach is adopted to simulate the multi-phase 

fluid dynamics of the fast pyrolysis process. A Multi-Fluid Model (MFM) [59, 61, 133, 228] was 

coupled with a chemical solver to describe the chemical kinetics. The RRF [59, 229] was selected 

to simulate the effect of the rotating screw. The simulation results were first compared with 

experimental data, and subsequently, the effects of operating conditions were investigated. The 

MFM, chemical kinetics, and RRF are briefly discussed in the following sub-sections. 

4.2.1 Multi-fluid model 

In the MFM, all phases are treated as inter-penetrating fluid media. In this work, the MFM 

contains one gas phase as the primary phase and two solid phases as the secondary phases (Figure 

4-2). The equations to be solved include conservation of mass, momentum, energy, and species. 

Governing equations were solved for each phase separately by considering the volume fraction of 

each phase. Table 4-2 presents the governing equations. In addition to fundamental governing 

equations, constitutive equations such as the stress-strain tensor for momentum equation, the 

conductive heat flux in energy equations, and the diffusive flux in species transport equations are 

included. Solid phases properties, such as granular temperature, pressure, and viscosity, are 

described by the Kinetic Theory of Granular Flow (KTGF) [143]. Table 4-3 presents the empirical 

correlations of phase interaction in terms of heat transfer and drag models. 
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Figure 4-2. Phase interaction in terms of chemical reactions and exchange of mass, momentum, and 

heat. 

Table 4-1. Governing equations of MFM 

Gas Phase Solid Phase 

Continuity equation 

𝜕(𝛼𝑔𝜌𝑔)

𝜕𝑡
+ 𝛻. (𝛼𝑔𝜌𝑔�⃗� 𝑔) = ∑ 𝑅𝑔𝑠𝑚

𝑀

𝑚=1

 

Momentum equation 

𝜕(𝛼𝑔𝜌𝑔𝑼𝑔)

𝜕𝑡
+ 𝛻. (𝛼𝑔𝜌𝑔𝑼𝑔𝑼𝑔)

= −𝛼𝑔𝛻𝑝𝑔 + 𝛻. 𝝉𝑔 + 𝛼𝑔𝜌𝑔𝒈 

+∑ 𝛽𝑔𝑠𝑚(�⃗� 𝑠𝑚 − �⃗� 𝑔)

𝑀

𝑚=1

+ ∑ 𝜓𝑔𝑠𝑚

𝑀

𝑚=1

 

Stress-strain tensor: 

𝜏𝑔 = 2𝛼𝑔𝜇𝑔𝑫𝒈 + 𝛼𝑔𝜆𝑔𝑡𝑟(𝑫𝒈)𝑰 
Energy equation 

𝜕(𝛼𝑔𝜌𝑔𝐶𝑝𝑔𝑇𝑔)

𝜕𝑡
+ 𝛻. (𝛼𝑔𝜌𝑔𝐶𝑝𝑔𝑇𝑔�⃗� 𝑔) 

= 𝛻. 𝒒𝑔 + ∑ ℎ𝑔𝑠𝑚(𝑇𝑠𝑚 − 𝑇𝑔)

𝑀

𝑚=1

+ ∑ 𝜒𝑔𝑠𝑚

𝑀

𝑚=1

+ 𝛥𝐻𝑔 

Conductive heat flux 

𝒒𝒈 = 𝛼𝑔𝑘𝑔𝛻𝑇𝑔 

Species equation 
𝜕(𝛼𝑔𝜌𝑔𝑌𝑔𝑘)

𝜕𝑡
+ 𝛻. (𝛼𝑔𝜌𝑔𝑌𝑔𝑘�⃗� 𝑔) = 𝛻. 𝑗𝑔𝑘 + 𝑅𝑔𝑘 

Diffusive flux 

𝑗𝑔𝑘 = 𝛼𝑔𝜌𝑔𝑫𝑔𝑘𝛻𝑌𝑔𝑘 

Continuity equation 
𝜕(𝛼𝑠𝑚𝜌𝑠𝑚)

𝜕𝑡
+ 𝛻. (𝛼𝑠𝑚𝜌𝑠𝑚�⃗� 𝑠𝑚) = 𝑅𝑠𝑚 

Momentum equation 

𝜕(𝛼𝑠𝑚𝜌𝑠𝑚�⃗� 𝑠𝑚)

𝜕𝑡
+ 𝛻. (𝛼𝑠𝑚𝜌𝑠𝑚�⃗� 𝑠𝑚�⃗� 𝑠𝑚)

= −𝛼𝑠𝑚𝛻𝑝𝑠𝑚 + 𝛻. 𝜏𝑠𝑚 
+𝛼𝑠𝑚𝜌𝑠𝑚𝒈 + 𝛽𝑔𝑠𝑚(�⃗� 𝑔 − �⃗� 𝑠𝑚) + ∑ 𝛽𝑠𝑙𝑚(�⃗� 𝑠𝑙 −

𝑀
𝑚=1

�⃗� 𝑠𝑚) + 𝜓𝑠𝑚   

Stress-strain tensor: 

𝜏𝑠𝑚 = −𝑝𝑠𝑚𝐼 + 2𝛼𝑠𝑚𝜇𝑠𝑚𝐷𝑠𝑚 + 𝛼𝑠𝑚𝜆𝑠𝑚𝑡𝑟(𝐷𝑠𝑚)𝐼 
Solid phase properties obtained using KTGF [58]  

Energy equation 
𝜕(𝛼𝑠𝑚𝜌𝑠𝑚𝐶𝑝𝑠𝑚𝑇𝑠𝑚)

𝜕𝑡
+ 𝛻. (𝛼𝑠𝑚𝜌𝑠𝑚𝐶𝑝𝑠𝑚𝑇𝑠𝑚�⃗� 𝑠𝑚)

= 𝛻. 𝒒𝑠𝑚 + ℎ𝑔𝑠𝑚(𝑇𝑔 − 𝑇𝑠𝑚)

+ 𝜒𝑠𝑚 + 𝛥𝐻𝑠𝑚  

Conductive heat flux 

𝒒𝑠𝑚 = 𝛼𝑠𝑚𝑘𝑠𝑚𝛻𝑇𝑠𝑚 
Species equation 

𝜕(𝛼𝑠𝑚𝜌𝑠𝑚𝑌𝑠𝑚𝑘)

𝜕𝑡
+ 𝛻. (𝛼𝑠𝑚𝜌𝑠𝑚𝑌𝑠𝑚𝑘�⃗� 𝑠𝑚) = 𝑅𝑠𝑚𝑘  

Table 4-2. Empirical correlation for interaction of gas-solid phases  

Gas Phase Solid Phase 



 

 
83 

𝛽𝑔𝑠𝑚

=

{
 
 

 
 3

4
𝐶𝐷𝑚

𝜌𝑔𝛼𝑔𝛼𝑠𝑚|�⃗� 𝑔 − �⃗� 𝑠𝑚|

𝑑𝑠𝑚
𝛼𝑔
−2.65                 𝛼𝑔 ≥ 0.8

150
𝛼𝑠𝑚(1 − 𝛼𝑔)𝜇𝑔

𝛼𝑔𝑑𝑠𝑚
2

+
7

4

𝜌𝑔𝛼𝑠𝑚|�⃗� 𝑔 − �⃗� 𝑠𝑚|

𝑑𝑠𝑚
     𝛼𝑔 < 0.8

 

where 

𝐶𝐷 = {
  
24

𝑅𝑒
(1 + 0.15𝑅𝑒0.687)   ;  𝑅𝑒 <1000

  0.44                                   ;  𝑅𝑒 ≥1000
 

𝑅𝑒 =
𝜌𝑔𝑑𝑠𝑚|�⃗� 𝑔 − �⃗� 𝑠𝑚|

𝜇𝑔
 

ℎ𝑔𝑠𝑚 =
6𝛼𝑠𝑚𝑘𝑔𝑁𝑢𝑠𝑚

𝑑𝑠𝑚
2

  ;   𝑃𝑟 =
𝐶𝑝𝑔𝜇𝑔

𝑘𝑔
 

where from Gunn heat transfer model [143] 

𝑁𝑢𝑚 = (7 − 10𝛼𝑔 + 5𝛼𝑔
2)(1 + 0.7 𝑅𝑒𝑚

0.2 𝑃𝑟
1
3) 

            +(1.33 − 2.4𝛼𝑔 + 1.2𝛼𝑔
2) 𝑅𝑒𝑚

0.7 𝑃𝑟
1
3  

 

4.2.2 The rotating frame of reference 

In RRF, the computational domain, relative velocity, and acceleration are defined relative to the 

rotating frame of reference. Therefore, the absolute velocity and acceleration of an arbitrary point in the 

CFD domain which is located at a distance r from the rotating axis with a constant angular velocity of 𝝎 

are defined as follows. 

𝑼𝑖𝑛𝑒𝑟𝑡𝑖𝑎𝑙(𝒓, 𝑡) = 𝑼𝑟𝑜𝑡𝑎𝑡𝑖𝑛𝑔(𝒓, 𝑡) + 𝝎 × 𝒓 (4-1) 

𝑑𝑼𝑖𝑛𝑒𝑟𝑡𝑖𝑎𝑙(𝒓, 𝑡)

𝑑𝑡
=
𝑑𝑼𝑟𝑜𝑡𝑎𝑡𝑖𝑛𝑔(𝒓, 𝑡)

𝑑𝑡
+ 2𝝎 × 𝑼𝑟𝑜𝑡𝑎𝑡𝑖𝑛𝑔(𝒓, 𝑡) + 𝝎 × (𝝎 × 𝒓) (4-2) 

Given the equations obtained for the velocity and acceleration, all conservation equations of mass, 

momentum, energy, and species are modified accordingly. For instance, the momentum equation is 

rewritten as: 

𝛼𝑖𝜌𝑖 [
𝑑𝑼𝑖,𝑟𝑜𝑡𝑎𝑡𝑖𝑛𝑔

𝑑𝑡
+ 2𝝎 × 𝑼𝑖,𝑟𝑜𝑡𝑎𝑡𝑖𝑛𝑔 +𝝎× (𝝎 × 𝒓)] 

= −𝛼𝑖𝛻𝑝𝑖 + 𝛻. 𝝉𝑖 + 𝛼𝑖𝜌𝑖𝒈 + ∑ 𝛽𝑖𝑗(𝑼𝑗,𝑟𝑜𝑡𝑎𝑡𝑖𝑛𝑔 − 𝑼𝑖,𝑟𝑜𝑡𝑎𝑡𝑖𝑛𝑔)

𝑀

𝑚=1

+ ∑ 𝜓𝑖𝑗

𝑀

𝑚=1

 

(4-3) 

The exterior wall of the auger reactor is considered in the inertial coordinate since it is motionless 

relative to the RRF. The computational domain contains a rotating zone and a stationary zone. As 

illustrated in Figure 4-3, the rotating zone is defined with a radius slightly higher than the outer radius of 
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the screw. The rotating and stationary zones are coupled at the interface of the two zones which is defined 

at the outer boundary of the rotating zone. 

 

Figure 4-3. Coupling between the stationary and rotary zone. 

4.2.3 Chemical kinetics  

Due to the complexity and number of reactions, and that the types of reactions are determined by 

the composition of the feedstock, a detailed mechanism of biomass pyrolysis is complex [104, 105]. 

Instead, chemical schemes such as lumped global kinetics are used to capture the decomposition to 

primary products (condensable vapours, solids, and gas) and further vapour reactions (secondary 

reactions). For thermal degradation of wood, a single-component single-step reaction scheme was 

proposed by Shafizadeh and Chin [230]. However, the model was unable to predict secondary reactions 

(secondary reactions - condensable vapours cracking to gas reducing yield) [107]. It was proposed that 

the biomass first be devolatilised to reach an intermediate state (activated biomass) [108]. The inclusion 

of a simplified one-step reaction for the complex set of secondary reactions was added to the Shafizadeh 

and Chin model [109, 230]. This multi-component series of single-step reaction kinetics was modified to 

include the ratios of cellulose, hemicellulose and lignin, to capture the impact of different biomass types 

[231]. Multi-component multi-step reaction kinetics was introduced and applied by various researchers 

including Ward and Braslaw [111], Koufopanos et al. [112, 113], Orfao et al. [114], and Miller and Bellan 

[115]. Intricate schemes with detailed reaction mechanisms have been proposed. However, they are 

complex and challenging to incorporate into a CFD model due to long processing times, and the models 

tend to be feedstock specific [61, 116, 117]. In this study, balsam fir wood (as sawdust) was used and 
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therefore the multicomponent multi-step reactions kinetics proposed by Shafizadeh and Bradburry [109] 

was adopted here. This model is illustrated in Figure 4-4.  

 

Figure 4-4. Multi-component multi-step biomass pyrolysis reaction kinetics model considered in this study 

Where k1 is the rate constant for the biomass to active intermediate, k2 is the rate constant of 

intermediate to vapour and k3 to gases and char. Finally, k4 is the secondary reaction rate constant. 

The reaction rates can be calculated by Equation (4-4). 

ki=Ai exp[-Eai/(RT)], (4-4) 

where ki is the rate constant for reaction “i”, and Ai and Eai are the associated Arrhenius constant 

and activation energies, respectively, “T” is the temperature and “R” is the gas constant. The initial mass 

distribution of biomass of cellulose, hemicellulose, and lignin is represented by a1, a2, and a3, respectively. 

As illustrated in Figure 4-4, in the first reaction step, virgin biomass devolatises to an intermediate state 

(active biomass), then reacts to form three products; condensable vapours (bio-oil), non-condensable 

gases (NCG), and biochar. Secondary cracking of condensables to NCG occurs at higher temperatures 

and longer residence times. There is a total of ten species in the model; two vapour phase species 

(condensable vapour and NCG), seven solid species including virgin cellulose, virgin hemicellulose, virgin 

lignin, active cellulose, active hemicellulose, active lignin, and biochar, and an inert steel shot (heat 

carrier). When nitrogen used as a carrier gas, it should be considered as a separate inert gas species. 

Although the nitrogen is inert, it does impact the partial pressures of the reacting vapour and therefore 

can impact reaction rates. The reaction constants are outlined in Table 4-4 and species thermo-physical 

properties are in Table 4-5. A real gas model was applied for calculation of gas-phase species density, and 

granular models were used for computation of solid species viscosity. Thermo-physical properties are a 

function of temperature, and for most cases, except the operating temperature, simulation is conducted 

at a constant temperature. Hence, the average values at the operating temperature (500 °C) are considered 

for the simulations. 



 

 
86 

Table 4-3. Pre-exponential factors and activation energies for the biomass component [115] 

Reaction A(s-1) E(MJ/kmole) Ya Δh 
(MJ/kmole) 

cellulose → active cellulose 

active cellulose → tar 

active cellulose → Y char + (1 − Y) gas 

2.8×1019 

3.28×1014 

1.3×1010 

242.4 

196.5 

150.5 

0.35 

0 

41.35 

-3.24 

hemicellulose → active hemicellulose 

active hemicellulose → tar 

active hemicellulose → Y char + (1 − Y) gas 

2.1×1016 

8.75×1015 

2.6×1011 

186.7 

202.4 

145.7 

0.6 

0 

33.69 

-2.64 

lignin → active lignin 

active lignin → tar 

active lignin → Y char + (1 − Y) gas 

9.6×108 

1.5×109 

7.7×106 

107.6 

143.8 

111.4 

0.75 

0 

53.09 

-4.16 

tar → gas 4.25×106 108.0  -2.1 

aThe char component mass formation ratios [59] 

 

Table 4-4. Thermo-physical properties of species [58] 

Species 

Density 

ρ (kg/m3) 

Particle diameter 

ds (mm) 

Molecular weight 

MW (kg/kmol) 

Heat capacity 

Cp (J/kg K) 

Dynamic 

viscosity 

μ (kg/ms) 

Thermal conductivity 

k (J/kg K) 

Condensable  - - 50 2500 3×10-5 2.6×10-2 

Non-condensable - - 27.2 1540 4.8×10-5 8.2×10-2 

N2 - - 28 1121 3.6×10-5 5.6×10-2 

Biomass 318 1 * 1500 - 0.25 

Biochar 1568 1 12.5 1100 - 0.1 

Steel shot 7800 1 55.8 500 - 15 

*Molecular weights of the biomass components are 162.14, 132.11, and 208.21 (kg/kmol) for cellulose, hemicellulose, and lignin, 

respectively. 

4.3 Experimental and numerical methodology 

Experiments were conducted at Memorial University. Figure 4-5 shows the process flow 

diagram (PFD) of the pilot-scale auger reactor. Biomass is fed via two perpendicular augers (1) 

and (2) and a hopper. First, biomass is fed in the hopper at a specific rate, then transferred into 

the main reactor (3). Inside the main auger reactor, biomass mixes with hot steel shot. Heated wall 

and hot steel shot particles provide the required heat of reaction for rapid conversion of woody 

biomass into pyrolysis oil vapours, gas, and char. At the reactor exit, fine char particles accompany 

hot condensable vapours and non-condensable gases. Cyclone (6) is embedded after the reactor 
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exit to remove char particles from the gas stream. Centrifugal force will remove char, and they will 

accumulate at the bottom of the cyclone while low-density condensable vapours and non-

condensable gases exit the cyclone at the top and move through shell and tube condenser (10). In 

the first condenser (10), condensable vapours quench between 40 and 55 °C, and then a secondary 

condenser (11) cools down the uncondensed gases and vapours to ambient temperature. An 

electrostatic precipitator (ESP) (12) is located after the second condenser and utilised as a filtration 

device for removing fine particles from a flowing gas by force of an induced electrostatic charge. 

The reported final bio-oil yield is the sum of the collected bio-oil from condensers and ESP, 

approximately 90% of the bio-oil is condensed in the first condenser, 8% in the second, and 2% 

in the ESP. The induced draft (ID) fan (13) keeps a vacuum pressure in the reactor to enhance the 

flow of vapours through the reactor. An inclined auger (4) is used for the biochar and steel shot 

exiting the main reactor. Bio-char exits as a fine powder due to the auger and steel shot that acts 

as a ball mill. At the end of the inclined auger, the char and shot are discharged into a separator. 

The bio-char in the form of powder particles is separated from the steel shot by a recycled gas 

created by a small fan (8). Bio-char particles are removed from recycling gas in a cyclone (6) and 

the char collected in a container (9). The char fan speed can be adjusted to ensure maximum 

collection of the fine char particles. Figure 4-6 shows a schematic of the apparatus with the front 

of the oven removed. Two electric elements provide the required heat for the oven. It is 

noteworthy that the main focus of this study is on the numerical simulation of the main auger 

reactor (3). The drying, condenser system, and char handling were not included in the simulation. 

Readers are referred to [58] for further reactor details. Figure 4-7 presents the computational 

domain of the main auger reactor. The dimensions of the main auger reactor are 0.6 m, 0.0508, 

0.052 m for length, diameter, and pitch, respectively. The initial and boundary conditions are 

illustrated in Table 4-6. 
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Figure 4-5. Process flow diagram of the pilot-scale auger reactor. 

 
Figure 4-6. Interior of the auger pyrolysis reactor of Memorial University considered for CFD simulation 

 
Figure 4-7. Computational domain by creating 58000 hexahedral meshes 
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Table 4-5. Boundary and initial conditions of auger reactor 

Inlet 
 

• Biomass feedstock: Balsam fir wood 

• Biomass temperature: 300 K 

• Biomass diameter: 1 mm 

• Biomass feed rate: 1-4 kg/h 

• Steel shot temperature: 400-600°C 

• Steel shot diameter: 1 mm 

• Shot/biomass volume ratio: 29/1 
  

Outlet • Pressure outlet 
  

Wall 
 

• No-slip boundary condition for solid walls 

• The constant temperature of 400-600 °C for stationary wall 

• Insulated screw wall  

• Screw speed: 45-95 rpm 
  

Initial conditions 
• Bed temperature: constant temperature 400-600 °C 

• Biomass initial mass fraction: (α, β, γ) = (0.462, 0.227, 0.311) 

The CFD simulations are conducted using ANSYS FLUENT V18.0 and run on a high-

performance computing (HPC) system. The computations are carried out using a Xeon (R) E5-

2620 processor with 28 CPUs for each node. Once the steady-state condition is achieved, the data 

is collected over 10 seconds of the physical time, which is approximately 6500 CPU-hours to 

compute averaged yield products. The computational time to achieve the steady-state condition 

varies between 33,000 CPU-hours to 65,000 CPU-hours, depending on the values of influential 

parameters. It was found that the initial transient period is more extended for cases with higher 

temperatures. 

The multi-phase laminar flow is modelled using the Eulerian-Granular approach. Both energy 

and species transport equations are numerically solved for use in chemical reactions and the heat 

transfer between phases. These equations are implicitly solved using an operator splitting method 

which leads to two sets of equations: diffusion and convection, which are non-stiff, and the 

progress of chemical reactions which are a set of stiff ordinary differential equations (ODEs). 

Adaptive time-stepping method is employed to ensure the numerical stability in the simulations. 

The first-order implicit method is adopted for the time discretisation. The least-square cell-based 

is used for the pressure-based solver that uses SIMPLE-algorithm for the pressure-velocity 

coupling. The second-order (upwind) method is adopted for the discretisation of the convection 

term in the momentum, energy and species equations. The QUICK algorithm is applied for the 

volume fraction calculations. Finally, a hybrid initialisation is employed for each phase.  
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4.3.1 Mesh study 

A grid-dependent study is conducted for five different mesh resolutions at an operating 

temperature of 500 °C, feed flow rate of 3.5 kg/h, and screw rotational speed of 45 rpm. A mesh 

dependence study is conducted to determine the optimum mesh size. The smallest cell size in the 

mesh is 3, 2.5, 2, 1.5, and 1 mm, for cases 1 to 5, respectively. The cell sizes are larger than the 

largest particle (1 mm in diameter). For Cases 1 to 5, the number of cells is 15000, 26000, 48000, 

58000, 111000, respectively. Figure 2-8 shows the unreacted biomass distribution along the reactor 

length at statistically steady-state condition. The ratio of the reactor length to its diameter (L/D) 

is used as a dimensionless parameter. The unreacted biomass distribution initially varies with 

changes in the cell sizes while further mesh refinement marginally changes the results. Case 4 (cell 

size of 1.5 mm) provides an adequate level of accuracy for further simulation. 

 

Figure 4-8. Unreacted biomass distribution along the reactor length for different grid sizes. case 1: 3 mm, 

case 2: 2.5 mm, case 3: 2 mm, case 4: 1.5 mm, and case 5: 1mm. 

4.3.2 Products yields calculation 

The product yields at the reactor exit were integrated with respect to time after reaching the 

statistically steady-state condition. As an example, the condensable yield is computed by using 

Equation (4-5). 

η𝑐𝑜𝑛𝑑𝑒𝑛𝑠𝑎𝑏𝑙𝑒 = ∫ ∫ (ε𝑔ρ𝑔𝑈𝑔𝑌𝑐)
𝑜𝑢𝑡𝑙𝑒𝑡

 𝑑𝐴 𝑑𝑡
𝑡𝑠𝑠𝑠+Δ𝑡

𝑡𝑠𝑠𝑠

∫ ∫ [ε𝑔ρ𝑔𝑈𝑔(𝑌𝑐 + 𝑌𝑛𝑐) + ε𝑏ρ𝑏𝑈𝑏(𝑌𝑏𝑐 + 𝑌𝑢𝑏)] 𝑑𝐴 𝑑𝑡
𝑜𝑢𝑡𝑙𝑒𝑡

𝑡𝑠𝑠𝑠+Δ𝑡

𝑡𝑠𝑠𝑠

⁄  (4-5) 
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where ε, ρ, U are the volume fraction, the density, and the axial velocity of each phase, 

respectively. tsss represents the time when statistically steady-state condition is achieved and Δt =10 

s is considered here. Y refers to the species mass fraction and the subscripts g, c, nc, bc, ub denote 

gas phase, condensable, non-condensable, biochar, and unreacted biomass, respectively.  

4.4 Results and discussion 

4.4.1 Model validation 

The CFD results are validated by using the experimental data where biomass feed rate and 

operating temperature were varied. Final experimental and model bio-oil yields compared for four 

different feed flow rates (1, 1.5, 2.5, 3.5 kg/h). Figure 2-9 shows predicted oil, gas, and char yields. 

The simulations predict the same increasing trend of condensable yield as the feed rate increases. 

The model overpredicts the yield by less than 15%. The model predicts a relatively constant 

biochar yield and a decrease in NCG with increasing flow rate. The bulk of the volume of the 

reactor is occupied by the steel shot (the ratio of shot to biomass is 29:1), therefore increasing the 

mass flow of the biomass does not impact the volume available. However, more vapour is 

produced at higher feed rates and therefore, the gas velocity increases and vapour residence time 

decreases. This increases oil yield and decreases the propensity for secondary reactions, therefore 

gas yield decreases. These results are consistent with the findings of Papari et al. [58].  

Figure 4-10 compares the experimental data and model biochar and bio-oil yield at three 

different temperatures (450, 475, and 500 °C). The numerical results for biochar yields are in good 

agreement with the experimental data. However, the CFD model over-predicts the bio-oil yield. 

The main reason for this deviation is due to the fact that only the main auger reactor is modelled 

here, ignoring losses in the condensing system. Based on the validated model a number of 

observations were drawn. In general, bio-oil yield increases with temperature up to a maximum 

(determined by feedstock) and then drops due to secondary reactions and vaporisation. Biochar 

yield reduces with increasing temperature, while gas rises. For this feedstock, the optimum 

temperature for bio-oil production is approximately 500 °C. The obtained results correspond well 

with the findings of others [232, 233]. By increasing the reactor temperature from 400 °C to 600°C, 

the unreacted biomass reduces leading to higher product yields. However, at temperatures >500 

°C) and longer residence times, condensable vapours convert to non-condensable gases due to the 

secondary cracking.  
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Figure 4-9. Product yields variation with respect to feed flow rate at temperature of 500 °C 

 
Figure 4-10. Product yields variation versus operating temperature at 3.5 kg/h feed flow rate 

4.4.2 Auger reactor decomposition performance  

The validated CFD model was used to study the biomass decomposition auger performance. 

Figure 4-11 plots the unreacted biomass distribution along the reactor length. The L/D was used 

as a dimensionless parameter to compare the impacts of various parameters. As temperature rises 

from 400 to 600 °C and at L/D of 4, the unreacted biomass drops from 2 to 0.04%. The simulation 

results indicate that the primary pyrolysis reactions occur in early in reactor. By an L/D of 6, 

secondary reactions dominate, leading to a rise of non-condensable gases. 

Figure 4-12 outlines the mass fraction distribution of biochar, non-condensable and 

condensable at an operating temperature of 500 °C and feed flow rate of 3.5 kg/h. The highest 

amount of bio-oil in the experiment [58] was at 500 °C and at feed flow rate of 3.5 kg/h, and was 
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therefore selected for showing the mass fraction distribution of the product. Moving along the 

reactor, the virgin biomass, hot reactor wall, and steel shot particles have more interaction. This 

leads to more biomass decomposition, and subsequently, the product yields increase along the 

reactor. This is dominant until the first one-third of the reactor, and afterwards, the amount of 

unreacted biomass reaches zero. From this section of the reactor onwards, the biochar yield 

remains relatively unchanged. However, the amount of condensable vapours and non-condensable 

gases are affected by secondary reactions. At longer residence time, secondary reactions increased 

and led to the reduction of condensable vapours, and increment of non-condensable gases. 

 
Figure 4-11. Unreacted biomass variation along the reactor at 3.5 kg/h feed flow rate for different 

operating temperature 

 
Figure 4-12. Product mass fraction distribution for (a) biochar (b) non-condensable (c) condensable at 

the operating temperature of 500 °C and feed flow rate of 3.5 kg/h 

4.4.3 Effect of flow dynamics on product yields 

Increasing the pyrolysis temperature above 500oC and/or increasing vapour residence times 

leads to a decrease in the yield of oil and an increase in gas production [234]. To reduce vapour 
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residence time and hence increase the bio-oil yield one can increase the biomass feed rate (Figure 

4-9), use a carrier gas [153, 235, 236], increase the angular velocity of the screw, increase vacuum 

at the reactor outlet, or embed multiple exits along the reactor. Effect of multiple exits is not 

feasible in this study since addressing the effect of multiple exits by experimenting requires the 

reactor to be rebuilt and for the numerical simulation requires repeating the modelling of the new 

geometry and mesh generation.  

Figure 4-13(a) shows the effect of carrier gas flow rate on the distribution of unreacted 

biomass inside the reactor. Inclusion of the carrier gas has two significant benefits. The vapour 

flow increases with higher carrier gas flows and the percentage of unreacted biomass is distributed 

further along the reactor length. These two factors simultaneously reduce vapour residence time 

and secondary reactions, leading to higher bio-oil yields as shown in Figure 4-14(a). The obtained 

results are consistent with the reported results by Brown and Brown [153].  

According to Figure 4-13(b), vacuum pressure at the reactor exit has no substantial effect on 

unreacted biomass. However, by increasing the vacuum at the reactor exit, condensable vapours 

residence time decreases. Thus, a less secondary crack occurs, and more bio-oil is produced — 

these effects are presented in Figure 4-14(b). 

  
Figure 4-13. Unreacted biomass variation along the reactor at 3.5 kg/h feed flow rate and 500 °C for different (a) 

carrier gas flow rates (b) vacuum pressure at the reactor exit 
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Figure 4-14. Product yields variation at 3.5 kg/h feed flow rate and 500 °C for different (a) carrier gas flow rate (b) 

vacuum pressure at the reactor outlet 

The angular velocity of the screw determines the rate that solid particles are driven towards the 

reactor exit. A higher rotational speed not only moves the solid particles faster and provides adequate 

space for subsequent biomass feed, but also the momentum created partially facilitates the flow of 

vapours towards the reactor outlet. Therefore, increasing the screw speed has similar effects as the 

carrier gas. A very high screw speed may carry more unreacted biomass to the reactor exit and 

negatively affect the product yield. Figure 4-15 demonstrates the effect of screw angular velocity in 

the range of 45-95 rpm. The predicted optimum value for condensable yield is 70 rpm. By increasing 

the rotational speed of the screw, biochar yield diminishes slightly. These results are agreeable with 

the findings of Solar et al. [237]. 

  
Figure 4-15. Product yields variation versus screw angular velocity at 3.5 kg/h feed flow rate and 500 °C 
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4.5 Conclusion 

Fast pyrolysis process in a pilot-scale auger reactor was modelled by CFD simulation. The 

numerical results validated with experimental data using multiple points for the temperature 

and biomass feed rate. Parametric study is conducted to investigate the effects of biomass feed 

rate, operating temperature, vacuum pressure, the inert carrier gas inclusion, and the screw 

rotational speed.  

Significant results: 

• Mesh independence study is conducted to find the appropriate size of the cells to save the 

computational costs and obtain an acceptable level of accuracy. 

• The reactor biomass decomposition performance is tested by the calculation of unreacted 

biomass inside the reactor. The results show that in the studied temperature range (400-

600 °C), almost all of the biomass particles are decomposed in the first one-third of the 

main auger reactor.  

• Rising the vacuum pressure and nitrogen feed rate show a similar growing trend in the bio-

oil yield. Increasing the vacuum pressure up to 500 mbar yields 67.2% bio-oil whereas the 

inclusion of nitrogen up to 10 kg/h resulted in the 69.5% bio-oil yield. 

• The optimum temperature for maximising the bio-oil yield is 500°C for this feedstock and 

reactor. In the studied range (1-4 kg/h), higher biomass feed flow rate resulted in more 

bio-oil yield.  

• To reduce secondary cracking and enhance bio-oil production, three methods were 

adopted; providing a vacuum at the reactor outlet, nitrogen as a carrier gas, and increasing 

the rotational speed of the screw. 
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Abstract 

Comprehensive scrutiny is necessary to achieve an optimised set of operating conditions for a 

pyrolysis reactor to attain the maximum amount of the desired product. To reach this goal, a 

computational fluid dynamic (CFD) model is developed for biomass fast pyrolysis process and it is 

validated using the experiment of a standard lab-scale bubbling fluidised bed reactor. This is followed by 

a detailed CFD parametric study. Key influencing parameters investigated are operating temperature, 

biomass flow rate, biomass and sand particle sizes, carrier gas velocity, biomass injector location, and 

pretreatment temperature. Machine learning algorithms (MLAs) are then employed to predict the 

optimised conditions that lead to the maximum bio-oil yield. For this purpose, support vector regression 

with particle swarm optimisation algorithm (SVR-PSO) is developed and applied to the CFD datasets to 

predict the optimum values of parameters. The maximum bio-oil yield is then computed using the 

optimum values of the parameters. The CFD simulation is also performed using the optimum parameters 

obtained by the SVR-PSO. The CFD results and the values predicted by the MLA for the product yields 

are finally compared where a good agreement is achieved. 

The obtained optimised set of operating parameters by MLAs showed that if we set these conditions; 

498 °C for operating temperature, 400 K for biomass pre-treatment temperature, 0.76 m/s for nitrogen 

velocity, 832 μm for sand particle size, 463 μm for biomass particle size, 0.15 kg/h for biomass feed rate, 

and 47 mm for biomass injector height, the obtained CFD values will be 73.4, 11.9, 12.4, and 2.3 for the 

condensable, non-condensable, biochar, and unreacted biomass,  respectively. 

Keywords: Support Vector Regression (SVR), Particle Swarm Optimisation (PSO), computational 

fluid dynamic (CFD) simulation, bubbling fluidised bed reactor, fast pyrolysis process 
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5.1 Introduction  

Environmental concern about global warming and climate change, as well as energy crisis such as 

the depletion of fossil fuels, have encouraged researchers to develop eco-friendly energy sources [1]. An 

alternative sustainable source of energy is biomass which significantly produces lower sulfur dioxides 

(SO2) and particulate matter (PM) as well as less carbon dioxide (CO2) due to its carbon neutrality [10]. 

Biomass can be obtained from various natural sources such as agricultural products and waste [238-241], 

forest residue [8], land and aquatic animals and it has a high conversion capability to other forms of 

energy, i.e. thermochemical conversions such as direct combustion, gasification, and pyrolysis process 

[24]. Products generated by pyrolysis processes have some benefits over other thermochemical 

conversion processes in term of their applications. For instance, bio-oil as liquid fuel can be a source of 

high-value chemicals, solid biochar is a source for adsorbent, soil amendment, and/or catalyst, while 

biogases are commonly employed for energy recovery [13, 14, 242, 243]. There are three main types of 

pyrolysis processes; slow, fast, and flash pyrolysis. Solid biochar is the main product of slow pyrolysis 

[244] whereas, fast and flash pyrolysis are favourable for the production of liquid bio-oil. Co-generation 

of heat and power in boilers, supplementary fuel in gas turbines and diesel engines are some of the 

applications of pyrolysis bio-oil [14, 16]. 

Pyrolysis process is the oxygen-free thermal decomposition of biomass. Generally, fast pyrolysis 

process occurs in a few seconds at moderate temperatures (about 500 °C). During the past years, fast 

pyrolysis process has been studied by many researchers experimentally [165, 167, 238, 245, 246] and 

numerically using Computational Fluid Dynamics [123, 140, 171, 173, 176, 247]. Although experimental 

studies are highly valuable, they are expensive, time-consuming and limited due to the shortage of 

measurements in severe reactor conditions (high temperature and pressure). Alternatively, CFD can 

provide a detailed understanding of complex physical phenomena inside the reactor with a relatively 

lower cost. Many types of research have focused on CFD simulations of the pyrolysis process [38, 122, 

173, 182, 183] and studied the effects of different operating factors on the product yields [122]. A 

parametric study has confirmed that the optimum temperature for the production of bio-oil is in the 

range of 500–525 °C. Shorter residence time at higher temperatures reduces chances for the secondary 

crack of condensable vapours to non-condensable gases which is favourable to achieve higher bio-oil 

yields. Two options are proposed for having shorter residence time, these options are higher nitrogen 

velocities and higher biomass injector heights.  

Another important parameter is the particle sizes. The intraparticle temperature gradient is higher 

for larger biomass particle sizes, leading to accumulation of unreacted biomass inside the reactor. The 
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use of larger sand particles requires higher carrier gas velocity for efficient particle fluidisation which 

results in a higher rate of bio-oil productions. Niemelä et al.  [248] suggest that while using large scale 

CFD simulation, considering the whole size distribution results in more accurate devolatilisation schemes. 

To address the effect of the biomass size on the devolatilisation scheme, ground and sieved biomass 

particles with three different size ranges are considered; small (112-125 µm), medium (500-600 µm) and 

large (800-1000 µm) fractions. While faster devolatilisation is predicted for small particles, medium and 

large particles show similar mass loss behaviour. The difference between the chemical kinetics of small 

particles and medium/large ones are explained by the compensation of the internal heat transfer 

resistance which is neglected in the isothermal assumption. 

Preheating the biomass up to the temperature of 400 K also leads to increased bio-oil yields. A higher 

rate of the bio-oil yield production is expected from the feedstocks that have higher contents of cellulose 

and hemicellulose. The highest amount of bio-oil is expected from pyrolysis of pure cellulose feedstock 

[38, 122]. When lignin is considered as a feedstock, the temperature has a minor effect on the bio-oil 

yield for values higher than 530 ºC. The molecular weight of bio-oil is a key feature for the upgrading of 

the oil to chemicals and/or fuels and it is managed with pressure when different types of lignins with 

various molecular weight are utilised [249].  

In the previous work by Jalalifar et al. [122], effects of various operating parameters on product 

yields variations were separately studied by varying only one parameter while other parameters were 

maintained matching the base condition [122]. However, in reality, operating parameters are not 

independent and considering a variation of all the parameters simultaneously is essential to effectively 

optimise the process. Such CFD analysis requires a high number of simulations which is computationally 

expensive. Alternatively, machine learning algorithms (MLAs) can be applied to predict the optimised 

condition by considering a set of parameters to achieve the maximum favourable product.  

The substantial advancement of MLAs has spanned the application of this data-driven approach in 

science and engineering. Recently, MLAs have been introduced in gasification and pyrolysis processes. 

Çepelioğullar et al. [250] employed MLAs to predict the thermal behaviour of refuse-derived fuel (RDF) 

as heterogeneous fuel at the heating rates where the experimental data was not available. Mutlu and Yucel 

[251] considered two types of machine learning classifiers to estimate the gas composition and its calorific 

value obtained by gasification of woody biomass in a downdraft gasifier. The non-linear relationship 

between kinetic parameters and biomass components has encouraged the application of MLAs for 

analysing such complex relationships [252]. In a study by Sunphorka et al. [253], MLA was applied to 

obtain the correlation between biomass components, including cellulose, hemicellulose, and lignin, and 
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the kinetic parameters such as activation energy (Ea), pre-exponential factor (k0) and reaction order (n). 

They found the highest values of all kinetic parameters occurred for cellulose. Hough et al. [254] 

presented MLAs and decision trees to reduce the computational cost of using detailed kinetic models in 

simulations. Sun et al. [255] applied MLAs to study effects of operating temperature, biomass particle 

size, and space velocity on predicting the yield of the gas products from pyrolysis of pine sawdust which 

is a typical industrial biomass waste.  

Machine learning techniques use various regressions such as Linear Regression (LR), Least Absolute 

Shrinkage and Selection Operator (LASSO), Least Angle Regression (LARS) and SVR to analyse the 

relationship between a dependent variable and a set of independent variables [256, 257]. While LR, 

LASSO and LARS are linear methods and suitable for linear data, SVR performs more effectively for 

non-linear datasets. In the present study, SVR is applied because our CFD dataset showed a non-linear 

complex trend. Particle Swarm Optimisation (PSO) algorithm is also employed to find an optimum value 

after data modelling by SVR. The implementation of the PSO algorithm is relatively easy and it requires 

a fewer number of particles to be tuned [258]. In this study, data materials are small and not diverse, 

which may reduce the generalisation of the regressor [259]. However, the use of SVR model diminishes 

this issue due to its appealing property and high capacity for generalisation with a relatively small number 

of training data. SVR minimises the generalised error bound and includes the combination of the training 

error and a regularisation term. A regularised term controls the complexity of the hypothesis space that 

achieves a generalised performance instead of only minimising the observed training error. Moreover, 

unlike Simple Linear Regression (SLR) in which the results depend on Gauss-Markov assumptions, SVR 

is a non-parametric technique. Hence, the model output does not rely on distributions of the underlying 

dependent and independent variables but it is affected by kernel functions [260, 261]. 

This chapter first presents the CFD model for a 2-D standard lab-scale bubbling fluidised bed 

reactor. A parametric study is then conducted to address the effect of the most important influential 

parameters on the product yields in the process. It is followed by the development of a hybrid SVR-PSO 

model to predict an optimised set of parameters that achieve the maximum bio-oil yield. The model is 

trained using the datasets provided by the CFD analysis. The set of parameters attained by the SVR-PSO 

model are then applied to the CFD simulation to compute new values of product yields. Finally, the 

values obtained from MLAs and CFD are statistically compared to analyse the accuracy of the SVR-PSO 

model. 
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5.2 Methodology 

As illustrated in Figure 5-1, the overall methodology can be divided into three steps. In the first step, 

the CFD code reads the input data such as initial mass and volume fractions, temperature, pressure, and 

inlet velocity. All the flow variables including velocity, pressure, temperature, and the volume fraction of 

each phase are then computed by solving the governing equations. Similarly, the species mass fractions 

are obtained using the chemical reactions and species transport equations. Once the statistically steady 

state condition is achieved for the outflow variables, including the outflow temperature and the product 

outflux, the yield of the products is calculated. In the second step, the MLA model takes the simulation 

parameters and the product yields obtained using the CFD (totalling 82 datasets) as the input. The MLA 

model is initially trained by the CFD data, and then the SVR is applied to estimate the values for points 

which are not available in the input CFD datasets. This is followed by fitting the best function to the 

given data. In the next sub-step, the PSO algorithm is employed to find an optimum set of parameters 

based on the defined fitness function. When the optimum set of parameters for having maximum 

condensable yield is obtained, all the product yields will be recalculated. In the third step, the obtained 

optimum values for a set of parameters are given to the CFD code as the input. The CFD simulations 

will run until the statistically steady state condition is achieved and consequently, the product yield is 

computed. Finally, the obtained product yields using the MLA and the CFD are evaluated and compared. 

The optimum values are determined if the deviation between MLA and CFD results is less than 5%. 

Details of the CFD simulation and the MLA model are described in the following sections. 
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Figure 5-1. Developed methodology for obtaining an optimised solution of the pyrolysis reactor 

5.2.1 Computational Fluid Dynamics 

A numerical analysis of a pyrolysis process includes modelling of reacting multi-phase flow dynamics 

that solves the fundamental governing equations including the continuity, momentum, energy, and 

species mass fraction. The Eulerian-Granular approach is adopted for modelling the multi-phase flow 

dynamics. A coupled Multi-Fluid Model (MFM) and a chemical solver are employed to describe fast 

pyrolysis of biomass. When the thermal decomposition process which a single biomass particle undertake 

in the absence of oxygen is known, the chemical reactions are considered in the phase interactions and 

coupled with the MFM model. The MFM and chemical kinetics are briefly discussed in the following 

sections. 

5.2.1.1 Multi-fluid model 

The MFM treats all phases as inter-penetrating continua. In the present study, the MFM consists of 

the gaseous phase as the primary phase and two solid phases as the secondary phases (see Figure 5-2). 
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The conservation equations (mass, momentum, energy, and species) for each separate phase are solved 

using phase volume fraction. The governing equations also consider the stress-strain tensor in the 

momentum equation, the conductive heat flux in energy equations, and the diffusive flux in species 

transport equations. In addition to the aforementioned equations, models for phase interaction terms are 

required. This includes the empirical correlations for drag force and heat transfer as well as the Kinetic 

Theory of Granular Flow (KTGF) [143], which provides granular temperature, pressure, and viscosity. 

The reader is referred to the literature for further details [19, 65, 123, 180]. 

 

Figure 5-2. Chemical reactions and exchange of mass, momentum, and heat between phases. 

5.2.1.2 Chemical kinetics 

Development of the detailed decomposition scheme of the biomass pyrolysis process is very 

challenging. It is common to adopt methods such as a lumped global kinetics which is able to address 

the devolatilisation and the secondary cracking due to involving many unknown elementary reactions 

[198], and formation of compounds for a specific feedstock [199]. Shafizadeh and Chin [262] first 

proposed a single-component single-step reaction scheme for thermal deterioration of wood, yet their 
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model was unable to predict the secondary cracking [107]. Later it was proposed that biomass is first 

devolatilised to reach the activated state [108]. Then they proposed single-component multistep reaction 

kinetics to address this issue [262]. Later, multicomponent single-step reaction kinetics was proposed to 

account for the effects of biomass components such as cellulose, hemicellulose and lignin [231]. 

Ultimately, multicomponent multistep reaction kinetics, which is believed to be the most practicable 

method, was introduced by researchers such as Ward and Braslaw [111], Koufopanos et al. [112, 113], 

Orfao et al. [263], and Miller and Bellan. [115]. More sophisticated schemes are also available in the 

literature that consider more reactions in the mechanism [116, 117]. 

In this study, lignocellulosic biomass is considered for the feedstock. Thus, a superimposed reactions 

method, based on the multicomponent multistep reaction kinetics, is a suitable approach for the fast 

pyrolysis of the biomass. The lignocellulosic biomass can be expressed by Equation (5-1).  

Biomass = α Cellulose + β Hemicellulose + γ Lignin, (5-1) 

where (α,β,γ) represents the initial mass composition of biomass. As shown in Figure 5-2, in the first 

reaction step, virgin biomass is converted into the active biomass and then reacts and produces 

condensable vapours, non-condensable gases and biochar. At higher temperatures, condensable may 

react and form non-condensable as a result of the secondary reaction. Eleven different species are 

involved in the process. The gas phase consists of condensable vapours, non-condensable gases, and 

nitrogen (three species). The biomass phase is made up of virgin cellulose, virgin hemicellulose, virgin 

lignin, active cellulose, active hemicellulose, active lignin, and biochar (seven species) while the sand phase 

includes one species. The sand phase and nitrogen are inert and hence they do not participate in the 

chemical reactions. However, the amount of nitrogen will affect the partial pressure of the gas phase and 

the reaction rate constants. The reaction rates are computed using Equation (5-2). 

ki=Ai exp[-Eai/(RT)], (5-2) 

where ki is the rate constant for reaction “i”, and Ai and Eai are the associated Arrhenius constant 

and activation energies, respectively, “T” is the temperature and “R” is the gas constant. Table 5-1 

illustrates the values of the kinetic parameters of the reaction scheme. The formation ratio for the char 

component, Y, is 0.35, 0.6, and 0.75 for cellulose, hemicellulose, and lignin, respectively [180]. Table 5-2 

provides the thermo-physical properties of the species. The density of gaseous species and the viscosity 
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of the solid species are computed using the incompressible ideal gas model and the granular models, 

respectively. 

Table 5-1. Pre-exponential factors and activation energies for the biomass component [180]. 

Components Reaction A(s-1) E(MJ/kmol) Heat release, Δh (MJ/kmole) 

Cellulose k1C 
k2C 
k3C 

2.8×1019 

3.28×1014 

1.3×1010 

242.4 
196.5 
150.5 

0 
41.35 
-3.24 

     
Hemicellulose k1H 

k2H 
k3H 

2.1×1016 

8.75×1015 

2.6×1011 

186.7 
202.4 
145.7 

0 
33.69 
-2.64 

     
Lignin k1L 

k2L 
k3L 

9.6×108 

1.5×109 

7.7×106 

107.6 
143.8 
111.4 

0 
53.09 
-4.16 

     
Tar k4 4.25×106 108.0 -4.2 

Table 5-2. Thermo-physical properties of species [129]. 

Species 
Density 

𝜌 (kg/m3) 

Particle 
diameter 

ds (m) 

Molecular 
weight 
(g/mol) 

Heat capacity 
Cp (J/kg K) 

Dynamic viscosity 

𝜇 (kg/ms) 

Thermal 
conductivity  
k (J/kg K) 

Condensable - - 100 2500 3×10-5 2.577×10-2 

Non-condensable - - 30 1100 3×10-5 2.577×10-2 

N2 - - 28 1121 3.58×10-5 5.63×10-2 

Biomass 
400 4×10-4 * 2300 - 0.3 

Biochar 
2333 4×10-4 12.01 1100 - 0.1 

Sand 2649 
5.2×10-4 60.08 800 - 0.27 

*Molecular weights of the biomass components are 162.14, 132.11, and 208.21 (g/mol) for cellulose, hemicellulose, and lignin, 

respectively. 

5.2.1.3 The CFD validation 

The experiment of Xue et al. [65] focusing on a lab-scale bubbling fluidised bed reactor is selected 

for case study validation. Any pre-processing activities, such as the preparation of the feedstock, biomass 

grinding and dehydration, and post-processing activities including biochar removal, bio-oil catches and 

upgrading, are beyond the scope of the current work as it mainly focuses on the modelling of the reactor 

itself. Figure 5-3 shows the 2-D geometry and the computational domain. The selected initial and 

boundary conditions are illustrated in Table 5-3.  

The CFD simulations are conducted using ANSYS FLUENT V18.00 and run on a high-

performance computing (HPC) system supported by Tasmanian Partnership for Advanced Computing. 
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The computations are carried out using Xeon (R) E5-2620 processor with 14 CPUs. After the steady 

state condition is achieved, the data is collected over 20 seconds of physical time which is about 336 

CPU-hours for each second to compute the average yield products. The computational time to achieve 

the steady state condition varies between 2352 CPU-hours to 4707 CPU-hours, depending on the values 

of influential parameters. It was found that the initial transient period is longer for cases with higher 

temperatures. 

The maximum Reynolds number in a studied range of parameters (carrier gas velocity and 

temperature) is Re=595.7. In addition, Gao et.al [264] verified that not only both laminar and turbulent 

models are appropriate for predicting the hydrodynamics of gas-solid flow behaviour in fluidised bed 

reactor, but also laminar model presents a better hydrodynamics prediction than the turbulent model. 

Therefore, the multi-phase laminar flow is modelled using the Eulerian-Granular approach. Both energy 

and species transport equations are also solved to compute chemical reactions and heat transfer between 

phases. The solution includes two fractional steps. Firstly, the multiphase species are solved only spatially 

by setting the reaction terms to zero. Secondly, the reactions terms in each cell are integrated by applying 

a stiff Ordinary Differential Equation (ODE) solver. A second-order implicit method is adopted for the 

time discretisation. The least-square cell-based is used for the pressure-based solver that uses SIMPLE-

algorithm for the pressure-velocity coupling. The second-order (upwind) method is adopted for the 

discretisation of the convection term in the momentum, energy and species equations. The QUICK 

algorithm is applied for the volume fraction calculations. Finally, a hybrid initialisation is applied for each 

phase, particularly for the sand phase by considering the initial packing limit. To avoid numerical 

instability, the simulations start with a time step size of 1 × 10-4 s. Then, depending on the mesh size, the 

time step is adjusted. The sum of the species mass fraction values must be equal to 1. Therefore, the mass 

fraction for Nth species is determined as one minus the sum of the N-1 solved species mass fractions. 

To minimise the numerical error, it is more efficient if the Nth species is selected as the species with the 

overall largest mass fraction. 
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Figure 5-3. (a) Schematic geometry and (b) computational domain of the 2-D model of bubbling fluidised bed 

reactor 

Table 5-3. Boundary and initial conditions 

Biomass Inlet 

• Temperature: 300 K 

• Diameter: 0.4 mm 

• Feed rate: 100 g/h 

Nitrogen Inlet 
• Velocity: 0.36 m/s 

• Temperature: 773 K 

Outlet • Outflow boundary condition 

Wall 
• No-slip velocity condition for solid walls 

• The constant temperature of 800 K up to a height of 8 cm. 

Initial conditions 

• Sand diameter: 0.52 mm 

• Initial packing limit height: 5.5 cm 

• Sand Porosity: 0.41 

• Bed temperature: 773 K 

• Biomass initial mass fraction: (α, β, γ) = (0.41, 0.32, 0.27) 

Four different mesh resolutions are considered for the grid dependency study. The maximum sand 

particle size is 1 mm and the mesh size is 7.62, 3.81, 2.54, and 1.91 mm, for cases 1 to 4, respectively. 

The size of the cells, even the smallest ones are still larger than the size of the particles. For Cases 1 to 4, 

the number of cells is 225, 910, 2055, 3640, respectively. Figure 5-4 shows that along the centreline of 

https://www.sciencedirect.com/topics/engineering/centreline
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the reactor at statistically steady state condition. It is worth noting that the feedstock that has been used 

for the mesh dependence study is pure cellulose. It can be seen that the temperature initially changes as 

the mesh resolution increases while further mesh refinement marginally changes the results, confirming 

Case 3 with 2055 cells provide an acceptable level of accuracy. Temperature distribution along the 

centreline of the reactor at statistically steady state condition. It is worth noting that the feedstock ben 

used for the mesh dependence study is pure cellulose. It can be seen that the temperature initially changes 

as the mesh resolution increases while further mesh refinement marginally changes the results, confirming 

Case 3 with 2055 cells provide an acceptable level of accuracy. 

 
Figure 5-4. The gas temperature along the axial direction for different grid sizes. case 1: 225 cells, case 2: 910 

cells, case 3: 2055 cells, and case 4: 3640 cells. 

The product yields are obtained by the time integration at the reactor outlet after the statistically 

steady state condition is achieved. For instance, the condensable yield is computed by using Equation (5-

3). 

𝜂𝑐𝑜𝑛𝑑𝑒𝑛𝑠𝑎𝑏𝑙𝑒

= ∫ ∫ (𝜀𝑔𝜌𝑔𝑈𝑔𝑌𝑐)
𝑜𝑢𝑡𝑙𝑒𝑡

 𝑑𝐴 𝑑𝑡
𝑡𝑠𝑠𝑠+𝛥𝑡

𝑡𝑠𝑠𝑠

∫ ∫ [𝜀𝑔𝜌𝑔𝑈𝑔(𝑌𝑐 + 𝑌𝑛𝑐) + 𝜀𝑏𝜌𝑏𝑈𝑏(𝑌𝑏𝑐 + 𝑌𝑢𝑏)] 𝑑𝐴 𝑑𝑡
𝑜𝑢𝑡𝑙𝑒𝑡

𝑡𝑠𝑠𝑠+𝛥𝑡

𝑡𝑠𝑠𝑠

⁄  
(5-3) 

where ε, ρ, U are the volume fraction, the density, and the velocity of each phase, respectively. tsss 

represents the time when statistically steady state condition is achieved and Δt = 20 s is taken here. Y 

refers to the species mass fraction and the subscript g, c, nc, bc, ub denote gas phase, condensable, non-

condensable, biochar, and unreacted biomass, respectively. The computed results for product yields are 

compared to the measurements [65] in Table 5-4. The predicted results demonstrate good agreement 
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with the experimental data for product yield. The percentage of the discrepancies between the experiment 

and the simulation results for condensable, non-condensable, biochar, and operating temperature are 13, 

17.6, 13.8, and 1.4, respectively. 

Table 5-4. Comparison of product yield for red oak pyrolysis (wt %) between simulation and experiment 

Components Condensable Non-condensable Biochar Unreacted biomass 

Experiment [65] 71.7±1.4 20.5±1.3 13±1.5 - 

Current study 62.4 16.9 11.2 9.5 

Percentage of difference 13.0 17.6 13.8 - 

5.2.2 Machine Learning Algorithms 

The present study aims to apply machine learning techniques to determine the relationship between 

different parameters affecting the product yields in the pyrolysis process. The SVR algorithm is adopted 

here due to its ability with complex and non-linear systems. By training the SVR with the data obtained 

from the CFD simulations, the model is developed which has a capacity to predict the product yields 

when a new set of data are available. The concept of Genetic Algorithms (GAs) can then be employed 

for the optimisation. GAs are adaptive heuristic search algorithms based on the idea of natural selection 

and genetics. Among GAs, the PSO algorithm contains a more efficient search ability to solve 

multidimensional optimisation [265], enabling us to use an intelligent method for estimation of the 

desired values. In this section, the SVR and the PSO are first described and then the methodology 

developed for integrating them is presented. 

5.2.2.1 SVR model 

Various regressions including Linear Regression (LR), Least Absolute Shrinkage and Selection 

Operator (LASSO), Least Angle Regression (LARS) and SVR can be used to analyse the relationship 

between a dependent variable and a set of independent variables [256, 257]. While LR, LASSO and LARS 

are linear methods and suitable for linear data, SVR performs more effectively for non-linear datasets 

and is applied in this chapter since the CFD dataset showed a non-linear complex trend. Particle Swarm 

Optimisation (PSO) algorithm is also employed to find an optimum value after data modelling by SVR.  

Support Vector Machines (SVMs) are used for non-linear modelling by transforming the original 

space into a higher dimensional feature space. SVMs have been developed based on statistical learning 

theory and have been designed as a classification technique by Vapnik and colleagues [199, 266]. SVR 

later applies the margin concept to solve regression problems with the help of e-insensitive loss functions.  
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The SVR model considers x1 ... xn Є R as a set of training input, and y Є R as a training output. The 

linear regression can be presented in the high dimensional space using the inner product function of the 

mapping inputs into a high-dimensional plane. The inner product of two vectors 𝑥 and 𝜔 is defined by 

Equation (5-4).  

𝑓(𝑥) = ⟨𝜔, 𝑥⟩ + 𝑏 (5-4) 

where 𝜔 is a weight vector and 𝑏 is a scalar bias. The objective of the SVR is to minimise the 

regression risk by considering Equations (5-5) and (5-6). 

𝑚𝑖𝑛
𝑤,𝑏,𝜉,𝜉

∗
1

2
𝜔𝑇𝜔 + 𝐶∑(𝜉𝑖 + 𝜉𝑖

∗)

𝑙

𝑖=1

 (5-5) 

𝑠. 𝑡. {

𝑦𝑖 − (⟨𝜔, 𝑥⟩ + 𝑏) ≤ 𝜀 + 𝜉𝑖
(⟨𝜔, 𝑥⟩ + 𝑏) − 𝑦𝑖 ≤ 𝜀 + 𝜉𝑖

𝜉𝑖 , 𝜉𝑖
∗ ≥ 0

 

(5-6) 

where C > 0 is the penalty or regularisation term that controls the trade-off between the model 

complexity and data training error, l is the number of samples, and 𝜉𝑖 and 𝜉𝑖
∗ indicate the upper and lower 

training errors, respectively. Equation (5-5) is solved by a dual optimisation that uses the Lagrange 

function expressed as Equation (5-7). 

𝐿 =
1

2
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∗)

𝑙
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𝑙

𝑖=1
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𝑙

𝑖=1

−∑(𝜂𝑖𝜉𝑖 + 𝜂𝑖
∗𝜉𝑖
∗)

𝑙

𝑖=1

 

(5-7) 

where 𝜂𝑖 , 𝜉𝑖, 𝜂𝑖
∗, 𝜉𝑖

∗ indicate the Lagrange multipliers which are non-negative real numbers. 

5.2.2.2 PSO algorithm 

The PSO algorithm is a population-based search optimisation technique developed by Kennedy and 

Eberhart [267]. There are many similarities between the PSO method and other evolutionary 
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computation techniques such as Genetic Algorithms (GA). However, the PSO model updates each 

candidate solution using a velocity rather than the evolutionary operators like selection, crossover and 

mutation. Compared to the GA algorithm, the PSO method is relatively easier to implement and requires 

fewer number of parameters to be adjusted. It has also demonstrated good convergence and better 

performance.  

The PSO algorithm is inspired by social behaviour observed in nature such as bird flocking and fish 

schooling. Initially, PSO, like other GAs, starts with a population of random particles (solutions). It then 

organises a swarm moving in the search space looking for the best solution. In an iteration, each particle 

is updated by following two “best” values known as pbest and gbest. pbest is the best solution (fitness) which 

is achieved so far while gbest is a global best obtained so far by any particle in the population. After finding 

these two best values, velocity and positions of the particles are updated according to Equations (5-8) 

and (5-9).  

V [ ] = V[ ] + c1 * rand( ) * (pbest[ ] - present[ ]) + c2 * rand( ) * (gbest[ ] - present[ ]) (5-8) 

Present [ ] = present[ ] + V[ ] (5-9) 

where V [ ] is the particle velocity, present [ ] is the current particle (solution), rand ( ) is a random 

number between (0,1), and c1 and c2 are the learning factors. 

5.2.2.3 SVR-PSO combined model 

The SVR-PSO strategy is employed to obtain optimal values of the considered parameters to 

maximise the condensable yield. The SVR-PSO algorithm includes the following steps: 

1. The SVR is initially trained by the CFD datasets to predict the condensable yield. 

2. The initial particle swarm is created and the fitness function is evaluated. Lower and upper 

bands are adopted for each parameter to reduce the search space. Eventually, the next generation 

is produced until the stopping criterion is satisfied. 

3. Finally, the SVR-PSO gives the condensable for the optimal values of the dataset. 
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5.3 Results and discussion 

This section presents the results obtained using both CFD and MLAs. The validated numerical 

simulations are followed by the parametric study. The optimised operating parameters and the relevant 

yields obtained using the SVR-PSO model are then presented. Finally, the optimised set of parameters is 

integrated into the CFD simulation, and the results are compared with the MLA outputs.  

5.3.1 Parametric study 

Seven different influential parameters are considered here; operating temperature, biomass flow rate, 

biomass and sand particle sizes, carrier gas velocity, biomass injector location and pretreatment 

temperature. For the parametric study, a single influential parameter varies in the given range while other 

parameters are set as the base condition. Table 5-5 shows the variation range considered for each 

parameter whereas the base values are the same as those in the experiment [65] (see Table 5-3). 

The Thermogravimetric analysis (TGA) by Yang et al. [118] reveals that the three components of 

lignocellulosic biomass show different behaviours during the pyrolysis process. Hemicellulose 

decomposes easily and most of the weight loss occurs in the temperature range of 220–315°C. The 

maximum loss rate (0.95 wt.%/°C) occurs at 268°C, and even at 900°C, about 20% of solid residue is 

left. Cellulose pyrolysis arises at a higher temperature range of 315–400°C with the maximum weight loss 

rate (2.84 wt.%/°C) reached at 355°C. At higher temperature (>400°C), almost all cellulose content is 

decomposed thermally whereas only a very small percentage of solid residues is left (~6.5 wt.%/°C). 

Among the three components, lignin has the highest resistance to degradation. Although it pyrolyses 

gradually under the whole temperature range from ambient to 900°C, the mass-loss rate is as low as 

(<0.14 wt.%/°C) and the solid residue left is the highest (~45.7 wt.%). The TGA results, therefore, justify 

why the temperature range of 400-675 °C is chosen for parametric study. In addition, as long as the 

biomass preheating temperature is under 220 °C, no reaction will occur outside the reactor bed that we 

don’t have any control over it. Hence, for example, the effect of preheating in the temperature range of 

300-400 K is investigated. The specified range for sand and biomass particle sizes are selected based on 

the experimental test of the lab-scale bubbling fluidised bed reactor [133, 226]. The adopted carrier gas 

velocity primarily depends on particle sizes. Larger sand particle sizes are more resistant to fluidisation 

[37]. Hence, a minimum fluidisation velocity (MFV) is defined as a function of particle size to ensure the 

fluidisation occurs. On the other hand, higher carrier gas velocities shorten the residence time of 

condensable vapour. This reduces the possibility of the secondary crack of condensable vapours to non-

condensable gases and consequently increases the bio-oil yield. However, there are upper limits for the 



 

115 
 

carrier gas velocities. If the nitrogen velocity is exceeded by a certain limit, which is called maximum 

effective velocity (MEV), the sand particles will be thrown out of the reactor bed by the carrier gas. It 

has a negative effect on the mixing of sand and biomass particles. It has been demonstrated that for 

enhanced heat transfer it is much more efficient when the cold virgin biomass particles are surrounded 

by hot sand particles of larger size [37]. High carrier gas velocities may also push the small and low-

density biomass particles out of the reactor bed. Hence, it is important to effectively select the carrier gas 

velocity, otherwise adequate time will not be provided for mixing the sand and biomass particles, the 

biomass particles will leave the reactor exit unreacted, and the most importantly the sand particles that 

play an important role as a heat carrier will be lost. The higher the position of the biomass injector, the 

lower the residence time of condensable vapours, resulting in fewer secondary reactions. However, the 

upper limit of the biomass injector location is restricted by the initial packing limit of the sand particles. 

The initial packing limit is 55 mm, and the biomass injector diameter is 7.3 mm, therefore the maximum 

allowable biomass injector height is defined as 55-7.3=47.7. That is why 47 mm is selected for the upper 

limit of the biomass injector height. Study of biomass feed rate is also required to find its optimum value 

for reducing heat energy consumption. Certainly, it is expected to have fewer product yields when the 

biomass feed rate increases. However, the objective is to find out how much feed can be added to the 

biomass without the need to consume excessive heat to have maximum product yields. 

Table 5-5. Range of operating parameters’ variation for parametric study 

Operating Conditions Range of variation 

Operating Temperature (°C) 400-675 

Sand Particle Size (mm) 0.4-1 

Nitrogen Velocity (m/s) 0.3-1 

Biomass Particle Size (mm) 0.2-1 

Biomass feed rate (kg/hr) 0.1-1.3 

Pretreatment Temperature (K) 300-400 

Biomass Injector Height (mm) 12-47 

A summary of the CFD parametric study is shown in Figure 5-5, presenting the product yields versus 

the influential parameters. Figure 5-5(a) shows the effects of the operating temperature. The two main 

factors affecting the amount of product yields due to temperature rise are the devolatilisation and the 

secondary crack. Increasing the temperature accelerates the devolatilisation of biomass as well as the 

primary reaction rates. However, at temperatures above 525 °C, the secondary crack occurs which 

converts condensable vapours to non-condensable gases. Consequently, by increasing the operating 
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temperature, non-condensable yield uniformly rises whereas unreacted biomass, condensable and biochar 

yield decrease. The influence of biomass flow rate on product yields is illustrated in Figure 5-5(b). At 

higher biomass feed rates, the supplied heat is insufficient for biomass particles to react. As a result, 

although the changes are minor the product yields, particularly the condensable yield reduce as the 

biomass feed rate increases. 

Effects of the biomass and sand particle sizes are depicted in Figure 5-5(c) and 5-5(d), respectively. 

It can be seen that the condensable yield slightly decreases as the biomass particle size increases. The use 

of coarse biomass particles is acceptable if the provided heat is sufficient for biomass particles and they 

are surrounded by sand particles of the same size or larger. Despite the increased costs for grinding, it is 

more efficient to use smaller biomass particles due to lower intraparticle temperature gradients. On the 

other hand, the use of very fine biomass particles may cause the carrier gas to throw the unreacted 

biomass out of the reactor bed. The feeder size limits the biomass particle size since coarse particles may 

clog the feeder. Larger sand particles necessitate higher carrier gas velocity to achieve an effective 

fluidisation. Thus, the residence time reduces and it consequently minimises the secondary crack of 

condensable vapours to non-condensable gases. The results confirm that the efficiency increases if 

biomass particles are surrounded by larger sand particles since it enhances the heat transfer supported by 

hot sand particles. Consequently, various parameters are important to determine the optimum size for 

sand and biomass particles. As shown in Figure 5-5(e), the higher the carrier gas velocity, the higher the 

condensable yield, and the lower the non-condensable yield due to shorter residence time and less chance 

of secondary crack. The minimum fluidisation velocity, which is a function of the sand particle size, 

determines the lower limits for nitrogen velocity. On the other hand, the carrier gas velocity can be 

increased if the unreacted biomass and sand particles are not thrown out of the reactor. Therefore, the 

optimal nitrogen velocity is primarily a function of the particles size. Figure 5-5(f) shows the effects of 

the biomass injector location. As the elevation of the injector increases, the residence time becomes 

shorter, and hence there is a lesser chance of the secondary crack of condensable vapours to non-

condensable gases. Consequently, the yield of condensable vapours is higher. It is worth noting that the 

optimal height for the biomass injector also depends on how high the sand particles are initially packed.  

Finally, the effects of biomass preheat are illustrated in Figure 5-5(g). Preheating the biomass 

accelerates the time taken to reach to the active state. By providing the same amount of heat, the primary 

reaction rates are larger due to the shorter time interval. Therefore, a larger proportion of biomass is 

converted to the products whereas biochar yield remains stable. Consequently, more product yields are 

expected in the gaseous phase including condensable and non-condensable components. In the 

meantime, higher condensable but lower non-condensable yields are expected as the time taken to reach 
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the active state is faster, and hence the secondary crack is lower at the shorter residence time, becoming 

less dominant at temperatures below 525 °C. Thus, considering all these phenomena, preheating has a 

favourable effect on condensable yields whereas non-condensable yields remain unaffected. It may be 

concluded that preheating maximises the bio-oil yield as long as the virgin biomass is preheated below 

the threshold temperature for initiating the reaction. 

As mentioned, the described parametric study only analysed one parameter at the time while others 

were kept constant - same as the experimental values. The parametric study is extended by variations of 

different parameters, simultaneously. For this purpose, 23 other CFD simulations are conducted where 

the influential parameters are randomly selected in the given ranges. The new simulated data are added 

to the CFD dataset which will be used as an input for the MLA modelling. However, unrelated data 

points, are first removed from the CFD dataset. As discussed in Figure 5-5, the temperature ranges can 

be filtered and only the temperatures from 450 to 550 °C are considered. Similarly, it is not necessary to 

consider the values for biomass flow rate higher than 1 kg/h. A summary of the final CFD dataset is 

presented in Table 5-6 shows the range of influential parameters as well as product yields which will be 

the input for the MLA modelling. 
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Figure 5-5. Product yields’ variation with respect to (a) Biomass 

feed rate (b) Biomass particle size (c) Sand particle size (d) 

Biomass injector height (e) Carrier gas velocity (f) Operating 

temperature (g) Pretreatment temperature 

 

Table 5-6. Dataset for the MLA modelling 

Variables Range of variation 

Operating Temperature (°C) 450-550 

Sand Particle Size (mm) 0.4-1 

Nitrogen Velocity (m/s) 0.3-1 

Biomass Particle Size (mm) 0.2-1 

Biomass feed rate (kg/hr) 0.1-1 

Pretreatment Temperature (K) 300-400 

Biomass Injector Height (mm) 12-47 

Condensable yield  53.3-71 

Non-condensable yield  10.7-24.5 

Biochar yield 10.3-17.1 

Unreacted biomass  2.3-19 
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5.3.2 Machine Learning Algorithms 

To obtain the optimised condition, the MLA analysis is conducted using MATLAB 2015b Linux 

Mint operating system with 32G RAM, Intel (R) Core (TM) i7-6700K CPU and NVIDIA GeForce GTX 

1070 graphics card. The datasets are provided by the CFD results. 70% of the datasets are allocated for 

the training purpose while 30% of the datasets are used for the prediction purpose. The training dataset 

builds the SVR model and it requires the allocation of the trade-off for different parameters. In this study, 

three common kernel functions, Linear, Polynomial and Gaussian (radial basis function) are considered 

(see Table 5-7). The predicted data are evaluated with the statistical parameters consisting of the mean 

square error (MSE), the root mean square error (RMSE), and the correlation coefficient (R) as defined  

𝑅𝑀𝑆𝐸 = √
1

𝑛
∑(𝑥𝑖 − 𝑦𝑖)2
𝑛

𝑖=1

 (5-10) 

𝑀𝑆𝐸 =
1

𝑛
∑(𝑥𝑖 − 𝑦𝑖)

2

𝑛

𝑖=1

 
(5-11) 

𝑀𝑆𝐸 = (∑(𝑥𝑖 − �̄�)(𝑦𝑖 − �̄�)

𝑛

𝑖=1

) (√∑(𝑥𝑖 − �̄�)2
𝑛

𝑖=1

√∑(𝑦𝑖 − �̄�)2
𝑛

𝑖=1

)⁄  (5-12) 

where n is the number of data points. 𝑥𝑖 , 𝑦𝑖, are the observed and the predicted values while �̄�, �̄� 

are the mean values for the observed and the predicted data, respectively. As can be seen in Table 5-8, 

the proposed model has a diverse performance when using different kernels. The results demonstrate 

that the Gaussian kernel has a better performance compared to other kernels by maximising R and 

minimising MSE and RMSE for the test data. 

Table 5-7. Kernel functions 

Kernel Function Kernel parameter 

Linear 𝐾(𝑥𝑖, 𝑥𝑗) = (𝑥𝑖, 𝑥𝑗) - 

Polynomial 𝐾(𝑥𝑖, 𝑥𝑗) = ((𝑥𝑖, 𝑥𝑗) + 1)
𝑑

 d 

Gaussian (RBF) 𝐾(𝑥𝑖, 𝑥𝑗) = 𝑒𝑥𝑝 (−
‖𝑥𝑖, 𝑥𝑗‖

2

2𝜎2
) σ 

Table 5-8. Effect of different kernels on the SVR-PSO performance. Errors calculated on condensable 

parameter 
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Kernel 
MSE R RMSE 

Train Test Train Test Train Test 

Linear 17.1622 345.2164 0.0826 0.0594 4.1427 18.58 
Polynomial 9.2192 930.86 0.0634 0.0224 3.0363 30.51 

Gaussian (RBF) 2.0195 4.321 0.9771 0.9213 1.4211 2.21 

After determining the type of Gaussian function, different aspects of designer-determined 

parameters were analysed for the SVR model. The first parameter is “C” that shows the trade-off 

between the training error and the flatness of the solution. The larger values of “C” result in lower 

final training error. However, too much increment of “C” leads to the risk of losing the 

generalisation properties of the classifier, since it tries to fit in the best possible way for all the 

training points. If “C” is small, then the classifier is flat. A value for “C” should be found that 

keeps the training error small but also generalises well. The second parameter is “ε” that controls 

the width of the ε-insensitive zone, used to fit the training data. The value of “ε” can affect the 

number of support vectors used to construct the regression function. Increasing the “ε” values, 

reduces the number of support vectors. A large enough value of “ε” will lead to a constant 

regression function. And finally, the value of “σ” that controls the width of the Gaussian function. 

If “σ” is very small, the radius area of influence of the support vectors only includes the support 

vector itself and no amount of regularisation with “C” will be able to prevent overfitting. When 

“σ” is too large, the model is too constrained and cannot capture the complexity of the data. Table 

5-9 shows two optimum parameters that were obtained from the model. It can be seen that these 

values of parameters show the best correlation coefficient and minimum values of error. The 

obtained optimised values for operating parameters by adjusting the SVR model with C=5.26, ɛ= 

0.52, σ=1.99 are illustrated in Table 5-10. Based on the obtained set of parameters, the predicted 

values by MLAs and the ones calculated by CFD for the product yields are presented in Table 5-

11. It is worth noting that in this study our favourable product is condensable, and the discrepancy 

for condensable yields between the predicted results by MLAs and CFD is 3.7 %. The unreacted 

biomass is computed as the leftover percentage of the three by-products. 

Table 5-9. Design parameters of SVR model. 

 MSE R RMSE 

Train Test Train Test Train Test 

C=5.26, ɛ=0.52, σ=1.99 1.9511 3.11 0.9971 0.9444 1.8731 1.3 

C=5.11, ɛ=0.51, σ=175.4 2.0195 4.321 0.9771 0.9213 1.4211 2.21 

Table 5-10. Base and optimised parameters 
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Operating parameter Base Optimised  

Operating Temperature (°C) 500 498 

Sand Particle Size (mm) 0.52 0.832 

Nitrogen Velocity (m/s) 0.36 0.76 

Biomass Particle Size (mm) 0.4 0.463 

Biomass feed rate (kg/hr) 0.1 0.15 

Pretreatment Temperature (K) 300 400 

Biomass Injector Height (mm) 17 47 

Figure 5-6 shows the CFD results for condensable and non-condensable yields for two 

different datasets; the base parameters that are used in the experiment [65] and the optimised 

values obtained by MLAs. These values are presented in Table 5-11. As illustrated in Figure 5-6, 

using optimised values of the parameters for CFD simulation lead to more condensable and lower 

non-condensable yield in the temperature range of 450-550 °C. This means that, in addition to the 

temperature, which is the most influential parameter in the products yields, impact of other 

parameters can also be of great value in minimising the secondary crack of condensable vapours 

to non-condensable gases and finally optimising the process. The most important factor to 

maximise bio-oil production is to keep the operating temperature at about 500 °C. For this 

purpose, heat transfer from carrier gas to sand particles was facilitated. The heat must then be 

transferred from hot sand particles to the cold virgin biomass particles. Things that have been 

done to improve the heat transfer are using larger hot sand particles than cold virgin biomass 

particles to increase heat transfer area, preheating the biomass and effective mixing of sand and 

biomass particles. Nitrogen has the role of carrier gas in addition to mixing the solid particles. 

Increasing the carrier gas velocity up to a certain extent which is called maximum effective velocity 

(MEV) reduces the condensable vapour residence time and secondary reactions. Exceeding the 

MEV has a negative effect on the product yields since it causes the sand particles and unreacted 

biomass to be thrown out of the reactor bed. Another option that has been taken to reduce the 

residence time is moving the biomass injector to a higher level. 

 

Table 5-11. Comparison of the results between MLAs and CFD  

Product yield (%) MLAs CFD Discrepancy (%) 
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Condensable yield  70.7 73.4 3.7 

Non-condensable 11.9 11.9 0 

Biochar yield 12.2 12.4 1.6 

Unreacted biomass  5.2 2.3 55.8 

 

Figure 5-6. Condensable and non-condensable yields for the base and optimised parameters 

5.4 Conclusion 

The CFD results are compared and validated with experimental data where a good agreement 

is witnessed. A parametric study is performed to address the effect of seven operating factors on 

the product yields. The parameters that are considered are operating temperature, biomass flow 

rate, biomass and sand particle size, carrier gas velocity, biomass injector location and pretreatment 

temperature. Created dataset by parametric CFD results is then utilised as an input variable in a 

developed SVR-PSO algorithm to predict and optimise the bio-oil yield considering the operating 

conditions. The optimum set of operating parameters received by the developed algorithm are 

used as an input in CFD simulation validating the obtained results received from MLAs.  

Significant results: 

• The optimum operating conditions achieved by MLAs are for the simulated case study: 

operating temperature = 498 ºC, biomass pretreatment temperature = 400 K, nitrogen velocity 

= 0.76 m/s, sand particle size = 832 µm, biomass particle size = 463 µm, biomass feed rate = 

0.15 kg/h, and biomass injector height = 47 mm. Based on the optimum set of parameters, 
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the predicted values for condensable yield by MLAs and those calculated by CFD are 70.7 and 

73.4 respectively with only 3.7% discrepancy.  

• The CFD results for condensable and non-condensable yields showed that application of 

optimised parameters raises the condensable yield and reduces the non-condensable yield in 

other temperature ranges.  
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 : 

Summary, Conclusions and Further Work 

 

In this chapter an overall summary of the thesis is provided bringing together the achievements of 

the individual chapters. Conclusions and implications of the results, limitations, and the 

recommendations for further research are discussed. 

 

 

  



 

125   

6.1 Summary 

The focus of this thesis was to study multiphase flow dynamics, heat transfer and chemical 

kinetics inside fast pyrolysis reactors. This chapter presents an overall evaluation of the results and 

findings and their contributions to the research field. Research limitations are also discussed and 

can be used to guide future research and to increase the knowledge of the significance of the 

reactor design and optimisation.  

The motivation for this research was to achieve an optimum condition for the performance 

of the pyrolysis reactors, associated with the key influencing parameters which affect the product 

yield of the pyrolysis reactors. Two different reactor configurations were analysed in this study, 

including a 2-D standard lab-scale bubbling fluidised bed reactor and a pilot-scale auger reactor. 

In Chapter 2 a literature review is carried out to accurately predict the impact of different 

operating parameters on the product yields. When the most influential operating parameters can 

be studied numerically, the examination of the design and geometrical parameters impact on the 

process is challenging.) In Chapter 3, a 2-D CFD study was carried out to mimic the fast pyrolysis 

process in a standard 2-D lab-scale bubbling fluidised bed reactor. In Chapter 4, the pyrolysis 

process in a pilot-scale auger reactor is studied by a 3-D numerical model. Multiphase flow 

dynamics and chemical kinetics is considered by Eulerian-Granular approach for one gas phase as 

the primary phase, and two solid phases as the secondary phases. The multi-step global reaction 

mechanisms are considered to implement the chemical reactions. The numerical models in 

Chapters 3 and 4 were validated with the experimental data for lignocellulosic biomass feedstock. 

In Chapter 5, MLAs are employed to find an optimised set of operating parameters for obtaining 

the maximum amount of bio-oil yield. The most important findings are described in the next 

section. 

6.2 Conclusions 

The most significant obtained conclusions from a detailed literature review and numerical 

simulations are as follows: 

• The operating temperature (reactor wall, heat carrier, and carrier gas temperature) plays a vital 

role in the product yields’ distribution. The optimum value for the operating temperature to 

achieve the highest amount of bio-oil yield is predicted to be in the range of 500-525°C. At 
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elevated temperatures, longer residence time leads to more secondary crack of condensable 

vapours to non-condensable gases.  

• Some methods are studied here to see the impact of the vapours’ residence time reduction. In 

bubbling fluidised bed reactors employing the higher carrier gas flow rate/velocity, and raising 

the biomass injector location results in more condensable and less non-condensable yields. In 

auger reactors where their residence time is inherently higher, enhancing the flow inside the 

reactor will improve the bio-oil yield production. Three adopted methods are: to provide a 

vacuum at the reactor outlet, use nitrogen as a carrier gas, and to increase the rotational speed 

of the screw. 

• The intraparticle temperature gradient is higher for more massive biomass particles. 

Consequently, the provided heating rate may be insufficient to reach the centre of the particles, 

which leads to more, unreacted biomass. 

• Raising the feed rates showed different behaviours in BFBR and auger reactor. In the studied 

BFBR increasing, the biomass feed rate leads to products yield reduction due to lack of the 

required supplied heat for effective reaction. However, in the studied range of feed rate (1-4 

kg/h) for the pilot-scale auger reactor, the bio-oil yield grows when feed flow rate rises. 

• In BFBR, carrier gas velocity is a primary function of sand particle size. Using the larger heat 

carrier particles requires employing higher carrier gas velocity to ensure effective fluidisation. 

Thus, the obtained results for this parameter are similar to enhancing effects of nitrogen 

velocity which, with a shorter residence time, resulted in increased condensable and decreased 

non-condensable yields. 

• Thermal pretreatment of raw biomass particles in BFBR produced more bio-oil yields, whereas 

other products’ yields remain constant. However, it should be noted that the pretreatment 

temperature is maintained below the threshold value that the biomass components degradation 

initiates.  

• The predicted pyrolysis results of the various biomass feedstocks revealed that the higher 

production of bio-oil is proportional to the sum of cellulose and hemicellulose content in the 

lignocellulosic biomass. In contrast, the lignin content contributes to higher biochar yields.  
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• The results obtained by MLAs also revealed that since most parameters are dependent on each 

other, an optimised set of parameters is needed to achieve the highest amount of the 

favourable product. 

6.3 Future directions 

Despite recent studies on the effect of various parameters on the performance of pyrolysis 

reactors, there are still some parameters that require further analysis for process optimisation. This 

thesis aims to summarise some of these parameters which can be a topic for future studies. 

• Numerical study of embedding multiple inlets/outlets: effect of multiple outlets can be studied for 

inherent longer vapour residence time of auger reactors. Furthermore, the full capacity of the 

reactor can be optimally used if an additional amount of biomass is injected from other inlets. 

• CFD study of heat carrier temperature variation: there is a lack of published numerical models on the 

effect of heat carrier temperature variations on product yields distribution. Heat carrier 

temperature plays an important role in providing the required heat for biomass thermal 

decomposition.  

• Numerical study of changing external wall heating along the reactor wall: as discussed in detail in the 

previous chapters, higher temperatures at longer residence time adversely affect bio-oil yield 

by increasing the secondary reaction, particularly for reactors with inherent longer residence 

time, e.g. auger type reactors. Thus, one possible solution might be to limit external wall 

heating. This method could prevent heat loss and also reduce the secondary reactions that take 

place due to the higher residence time at higher temperatures, especially after exceeding the 

locations where all biomass feedstocks decomposed completely.  

• Polydisperse distribution model: Existing studies have applied monodisperse particle size models 

whereas in reality, the polydisperse distribution exists. Accurate numerical models are required 

to study the effects of the size distribution of both feedstocks and solid heat carriers. 

• Catalyst effects of biochar: Biochar acts as a vapour cracking catalyst [89]. For reactors with 

inherent longer residence time where char accumulates inside the reactor beds, the prolonged 

contacts between vapours and biochar lead to more crack of condensable vapours to non-

condensable gases. Therefore, available reaction kinetics in literature need to be modified to 

address the effect of biochar as a catalyst on bio-oil yield. 
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• Simultaneous effects of operating parameters: in most published papers that have been studied, effects 

of operating parameters on product yields variations have been investigated independently. 

However, in real-world applications, operating parameters have impacts on each other and 

considering variations of all the parameters simultaneously is necessary for process 

optimisation. Machine learning tools can be applied to investigate the impacts of all influencing 

parameters concurrently on product yields variation. 

• Implementing a detailed reaction mechanism: Detailed reaction mechanisms can obtain various 

components of a mixture, e.g. bio-oil components and non-condensable gases components. It 

would then be possible to predict the emissions and HHV of the generated bio-fuels from 

pyrolysis. 
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Appendix I: 

Auger Reactor Geometry Design 

I.1 Pilot-scale auger reactor drawing 

Figure I-1 reveals the geometry of pilot-scale auger reactor  

 

Figure I-1. Drawing of the pilot-scale auger reactor design 
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Appendix II: 

MATLAB Code of MLAs 

II.1  MATLAB Code of MLAs 

Clc, clear all 
 
%load new dataset 
load('X.mat'); 
load('Y.mat'); 
% X = [X; X_old]; 
% Y = [Y;Y_old]; 
 
 mdl_Y = fitrsvm(X,Y,'KernelFunction','gaussian','KernelScale','auto','Standardize',true); 
% yfit = predict(mdl,X_test); 
save('mdl_Y','mdl_Y'); 
 
load('Y_non_condensable.mat') 
mdl_Y_non = fitrsvm(X,Y_non_condensable,'KernelFunction','gaussian','KernelScale','auto','Standardize',true); 
save('mdl_Y_non','mdl_Y_non'); 
  
load('Y_unreacted_biomas.mat') 
mdl_Y_unreacted = 
fitrsvm(X,Y_unreacted_biomas,'KernelFunction','gaussian','KernelScale','auto','Standardize',true); 
save('mdl_Y_unreacted','mdl_Y_unreacted'); 
 
 %Condensable 
fun=@FitnessFcn; 
lb = [400,300,0.3,400,200,0.1,17]; 
ub = [600,400,1,1000,1000,1,47]; 
%rng default  % For reproducibility 
nvars = 7; 
%options = optimoptions('particleswarm','SwarmSize',300,'PlotFcn','pswplotbestf'); 
options = optimoptions('particleswarm','SwarmSize',300); 
x = particleswarm(fun,nvars,lb,ub,options); 
  
yfit = predict(mdl_Y,x); 
disp('*********************************************'); 
fprintf(' Operating Tempreture   =   %f\n',(x(1,1))); 
fprintf(' Biomass Pretreatment Temperature   =   %f\n',x(1,2)); 
fprintf(' Nitrogen Velocity   =   %f\n',x(1,3)); 
fprintf(' Sand Particle Size   =   %f\n',x(1,4)); 
fprintf(' Biomass Particle Size   =   %f\n',x(1,5)); 
fprintf(' Biomass Feed Rate   =   %f\n',x(1,6)); 
fprintf(' Biomass Injector Height   =   %f\n',x(1,7)); 
disp('*********************************************'); 
fprintf(' Condensable   =   %f\n',yfit); 
  
yfit = predict(mdl_Y_non,x); 
fprintf(' Non Condensable   =   %f\n',yfit); 
yfit = predict(mdl_Y_unreacted,x); 
fprintf(' Unreacted Biomas   =   %f\n',yfit); 
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